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Direct air carbon capture, as a negative emissions technology, is pivotal to lowering carbon dioxide concentration
in the atmosphere. Accompanying the development and application of this technology, the high energy demand
and substantial capital cost associated with direct air carbon capture have been persistent concerns. This paper
aims to analyse the technical and economic feasibility of utilising a hydrogen fed solid oxide fuel cell as a source
of both electricity and high-grade heat for the process of direct air carbon capture. It is vital that a renewable
form of hydrogen production is used for this process to be sustainable, therefore a renewable hydrogen fed 50
MW solid oxide fuel cell is modelled, integrated with a direct air carbon capture process, resulting in a system
with the capacity to remove carbon dioxide just over 270 kt/year directly from the air. The current levelised cost
of capture for the system varies widely with the price of renewable hydrogen production, with an estimated
range of £314-1,505 per tonne of carbon dioxide captured. As the cost of renewable hydrogen declines in the
future, such a process could become a feasible alternative to natural gas fed direct air capture, with a 2050
levelised cost of capture anticipated to be £191 per tonne.

1. Introduction

The ongoing reliance on the combustion of fossil fuels to provide
energy has driven a critical increase in atmospheric carbon dioxide
(CO2) concentration, rising from ~ 280 ppm to 419 ppm over the last
century and a half [1]. With the ratification of the Paris Agreement in
2015, international governments share a common objective to limit the
global average temperature increase to 1.5 °C above pre-industrial
levels. As a primary greenhouse gas (GHG), the importance of
reducing CO5 emissions to manage its atmospheric concentration cannot
be overstated. Negative emissions technology (NET) has become an area
of increasing interest for academics, industry, and policymakers, with
one of the most promising solutions being the direct capture of CO5 from
ambient air (DAC) [1]. Benefitting from relatively low land and water
requirements, and an inherent flexibility of placement, DAC could sys-
tematically manage presently unavoidable emissions such as those from
the aviation sector and heavy industry, and has potential to remove up
to 12 Gt CO;, per year [2,3].

Based on the mechanisms of capture and separation/regeneration,
DAC has been classified into five categories: liquid scrubbing, solid
sorbent, electrochemical, membrane, and cryogenic [4]. The two most
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plausible DAC technologies are solid sorbent DAC (S-DAC) and liquid
solvent-based DAC (L-DAC). S-DAC employs solid sorbents to adsorb
CO; from the air, which can be regenerated under temperature/
pressure/vacuum-swing conditions [5]. The main advantages of S-DAC
reflect on the low capital cost and low-temperature regeneration. But it
is important to note that many current solid sorbents have relatively low
CO4, selectivity and could adsorb water at the same time [2]. The S-DAC
also faces the challenge of operation in batches, as it needs periodically
to be isolated from the ambient air during sorbents’ regeneration [6]. In
contrast, L-DAC has advantage on the higher absorption capacity and
the benefit of continuous operation, which promotes it suitable for large
scale DAC operations (0.5-1 Mt/year) [4]. The L-DAC was proposed by
Lackner et al [7] when DAC was initially introduced in the late 1990 s.
Compared to flue gas carbon capture technologies, L-DAC captures CO5
from ambient air in which concentration of CO is 350 times lower than
CO4, concentration in flue gas [8]. To capture 1 Mt/year of CO», air with
400 ppm CO> needs to be pumped through a contactor of L-DAC at a rate
of 46,000 m3/s [9]. With an air velocity of 1.5 m/s, a contactor surface
area of 38,000 m? is required to achieve a capture rate of 75 % [10]. The
regeneration process of L-DAC is energy-intensive, requiring high-
temperature heat at around 900 °C [11]. Commercial firm Carbon En-
gineering (CE) has piloted L-DAC process with electricity demand of 366
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Nomenclature

ACpx Area of heat exchanger, m?

ACsorc  Area of solid oxide fuel cell stack, m?
Chuel Price of hydrogen, £/kg

Chuelt Price of hydrogen in year t, £/kg

Chx Cost of heat exchanger, £

Csorc Cost of solid oxide fuel cell stack, £

Csorcauwx Cost of solid oxide fuel cell auxiliaries, £
Csorcpc/ac  Cost of DC-AC inverter, £

Csorcrep Replacement cost of solid oxide fuel cell, £
CapExp,. Total capital cost of direct air capture, £/tCO5
CapExgorc Total capital cost of solid oxide fuel cell, £

Ecaciner  Energy supplied to the calciner, MWy,

F Faraday constant, 96,485 Aes/mol

i Internal rate of return

Isorc Current generated by solid oxide fuel cell, A
Ic Current density, mA/cm?

I Investment cost in year t, £

h Specific enthalpy of flow, MW

Rcatn Specific enthalpy of cathode exhaust, MW
Rsteam Specific enthalpy of steam, MW
k Capacity factor

LCOA Levelised cost of capture from air, £/tCO,

LCOE Levelised cost of electricity, £/ MWeh

LHVyq  Lower heating value of fuel, MJ/kg

LR Annual debt, £

m Mass flow rate, kg/s

Meath Mass flow rate of cathode exhaust, kg/s

Mco2 Mass flow rate of CO,, kg/s

Mexcess Mass flow rate of unburnt fuel from the anode exhaust gas,
kg/s

Mfyel Mass flow rate of fuel supplied to solid oxide fuel cell, kg/s

Msteam Mass flow rate of steam from anode, kg/s

Mbpac Plant capture capacity, tCO,/year

n Project’s lifetime, year

ng, Mole flow rate of reacted Hy, mol/s

No, consumed Mole flow rate of consumed O at cathode, mol/s

no, in Mole flow rate of input O, to cathode, mol/s

OpExp,c Total operating cost of direct air capture, £/tCO2
OPExgorc fivea Fixed operating cost of solid oxide fuel cell, £
OpExgopc,or Variable operating cost of solid oxide fuel cell, £

Py Partial pressure of hydrogen, bar

Proo Partial pressure of steam, bar

Po2 Partial pressure of oxygen, bar

Prys Reference pressure of solid oxide fuel cell, bar
Psorc Operating pressure of solid oxide fuel cell, bar
Geaciner  SPecific energy consumption of the calciner, MJ/kg
Qcatciner  Thermal energy supplied to the calciner, MWy,

t Year t

Tsorc Operating temperature of solid oxide fuel cell, °C

T Reference temperature of solid oxide fuel cell, °C

U, The air utilisation of the solid oxide fuel cell

Us The fuel utilisation of the solid oxide fuel cell

Vies Reference voltage, mV

Vsorc Actual voltage of solid oxide fuel cell, V

Wea Specific power consumption of calciner, kWh/tCO,

Weom Specific power consumption of CO, compressor, kWh/
tCO4

Wﬂm Specific power consumption of air contactor fan, kWh/
tCO4

Wiet Net power output of the system, MW,

Wp Parasitic load of direct air capture process, MW¢;

Wopump Specific power consumption of fluid pump, kWh/tCO,

Wila Specific power consumption of slaker, kWh/tCO,

Wsorc Power generated by solid oxide fuel cell, MWy,

WSOFC,DC Rated/direct current power output of solid oxide fuel cell,
kWe;

z The number of electrons transferred per reaction

AVawode Correction of reference voltage due to variation in the fuel

composition, mV
AV,amode Correction of reference voltage due to variation in the
oxidant composition, mV

AVr Correction of reference voltage due to variation in the
actual temperature and current density, mV
AV, Correction of reference voltage due to variation in the

actual pressure, mV

e AC-DC conversion efficiency

et Net system efficiency

Nsorc Thermal efficiency of solid oxide fuel cell
Abbreviations

CcC Carbon capture

CE Carbon Engineering

CHP Combined heat and power

DAC Direct air carbon capture

DC Direct current

KPI Key performance indicator

GHG Greenhouse gas

L-DAC  Liquid solvent-based direct air carbon capture
LCOA Levelised cost of capture from air

LCOE Levelised cost of electricity

NET Negative emissions technology

Ni-YSZ  Nickel-yttria stabilised zirconia

PPA Power purchase agreement

S-DAC  Solid sorbent-based direct air carbon capture
SOFC Solid oxide fuel cell

kWh/tCO5 and heat demand of 5.3 GJ/tCO; [6]. But these amounts of
requisite energy were met entirely by natural gas, which would cause
extra on-site CO emissions and diminish the carbon reduction efficiency
of L-DAC. Therefore powering DAC with renewable energy is a more
sustainable avenue [12]. Innovation to support renewable energy op-
tions for high-temperature industrial heat has been recognised as an
effective method to maximise the carbon removal potential of L-DAC
plants [3].

Numerous studies have been made by researchers regarding sup-
plying energy to DAC through low-carbon or renewable energy sources.
For instance, the DAC was assessed in combination with excess solar and
wind energy to capture 500 Mt of CO5 in Europe [13], and 140 Mt of CO2

in the US [1]. With a mix of low-carbon electricity and heat supplied
through solar collectors, a net carbon removal of high-temperature L-
DAC has been evaluated up to 73 % per tonne of CO2 captured and
stored [14]. By using solar energy coming from a heliostat field, the heat
from solar energy can reach up to 1,000 °C and was investigated to drive
the calcination process [15]. However, the efficiency of the solar-driven
calcination process is highly dependent on the receiver performance,
and renewable energy sources always exhibit intermittent properties
[16], which may render the continuous operation of DAC incompatible
with renewable energy. Additionally, the size and land use of renewable
energy installations will be significant for their integration with L-DAC.
For example, to capture 1 Mt of CO, per year, it was determined that a
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solar field with 1,420 MW and an area of 2.47 km? would be needed at a
location with high solar irradiation [17]. Similarly, capturing the same
amount CO; per year would require 240 MW wind power and a wind
farm with an area of 54 km? [18]. In this way, waste heat source was
considered as an alternative heat source due to its low cost and less
burden in environmental impact, verifying its linkage with DAC [3].
Waste heat can potentially be sourced from combined heat and power
plants [19]. But studies have indicated that coupling DAC with waste
heat from power generation streams would be more favourable for the
solid sorbent DAC which requires much lower quality of heat ranging
70 °C-100 °C [20]. Although high-grade waste heat around 900 °C can
be acquired from cement kiln, ceramics industry or metal processing
plants, etc., it is always fed back into the existing system [21]. To ach-
ieve simultaneous supply of high-grade waste heat and renewable
electricity to DAC, solid oxide fuel cell (SOFC) was considered to be
integrated with DAC [22]. SOFCs are high temperature fuel cells, which
convert the chemical energy of fuel directly into electricity and heat
when an additional oxidant is provided. Their high temperature oper-
ation within the stack yields notable residual heat to calcine a carbonate
material [8]. Importantly, SOFCs have outstanding fuel flexibility, with
the most common options being fuelled by natural gas, biomass and
hydrogen [23].

SOFC has been integrated with carbon capture (CC) technologies
[24]. For instance, Rao et al. [25] presented a novel SOFC combined
heat and power (CHP) system fed by coke oven gas from steel industry,
where CO, from anode off-gas is captured by pressure swing adsorption,
resulting in a reduction of 50 % in CO; emissions for equal power pro-
duction. In a biomass gasification combined SOFC system, exhaust gases
from SOFC was decarbonised by absorption solution, thereby allowing
for net CO3 emissions from power generation of SOFC [26]. Santarelli

Table 1
Previous techno-economic study of integrated DAC system.
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et al. [27] examined the role of SOFC in performing carbon recovery and
re-utilisation, by placing an oxy-fuel combustor downstream the SOFC
to alter cathode off-gas composition from Hy and CO to H,O and COo,
after which CO2 was captured and supplied to a photobioreactor.
Although these studies combined CC technologies with SOFC, the role of
CC was mainly to mitigate resulting inherent CO5 emissions from SOFC’s
off-gas due to combustion of carbon-based fuel gas at the anode of SOFC.
Therefore, these CC technologies focused more on the commonly
available post-combustion capture and oxy-fuel combustion capture
which are suitable for gases with higher CO5 concentration. For a DAC
system linked to a SOFC, the main objective of CC technology is to
remove CO; from the air, while the SOFC is used to provide the power
and heat needed for the DAC process. Hanak et al. [8] processed a
combined SOFC and L-DAC plant where the waste exhaust gases of a
natural gas fed SOFC were used to provide electricity and high-grade
heat for the calcination process without offering CaO regeneration and
calcined products. A kW scale SOFC was demonstrated to integrate with
a calciner, where high-grade heat from the anode off-gas was used to
drive the calcination process [28]. Such a system provided technical
feasibility of using SOFC as power and heat sources to calcination pro-
cess. Erans et al. [29] tested different steam-rich conditions simulating
flue gas from a SOFC on the calcination process, and subsequent DAC
performance of the calcined materials, showing significant effect of
steam on the duration of calcination and suitability of the calcines for
DAC. Thus, current research on the DAC-SOFC has primarily investi-
gated on the calcination process, and rarely investigated whole process
of DAC from air contactor to COy compressor. Similarly, the SOFCs in
these studies are fed by the fuel gas that emits CO5. To avoid additional
CO; emissions from anode gases of the integrated DAC-SOFC system,
hydrogen shows promising potential as the fuel gas. When hydrogen is

Ref. Scope Processes modelled

Analysis method Key findings

Hanak et al. [8]

Hanak and
Manovic [30]

Daniel et al. [31]

An et al. [32]

Moreno-Gonzalez
et al. [33]

Prats-Salvado
et al. [34]

Coppitters et al.
[35]

Datta and
Krishnamoorti
[36]

Sabatino et al.
[37]

J. Sagues [38]

Utilisation of high-grade heat
from a SOFC to drive the
calcination process in a once-
through DAC concept
Polygeneration for CHP using a
SOFC and lime production for
DAC

DAC process integrated with a
solid oxide electrolysis for the
chemical utilisation of the
captured CO,

Assessment of the impact of
climate conditions on L-DAC,
CO,, capture rate, and cost of
DAC

Production of syngas by using
CO,, sourced from solvent based
DAC

Integration of DAC with
concentrated solar power and
further methanol synthesis

Methanation utilising CO»
captured from power grid by
solid sorbent DAC with waste
heat recovery

Integration of DAC with wind
energy and with proximal use in
enhanced oil recovery

DAC process combining KOH
scrubbing with bipolar
membrane electrodialysis
Biomass energy integrated with
DAC system

Calcination process of DAC, natural gas fed
SOFC

Calcination process, heat exchanger

network, natural gas fed SOFC, fresh
material

L-DAC process (hydrogen as fuel for

calciner), solid oxide electrolysis cell

Natural gas standalone and grid-electricity
connected L-DAC system

Air contactor and natural gas fed calcium
loop process, syngas synthesis, CO,
electrolysis

L-DAC (powered by grid, solar, and oxyfuel
mixture), solid sorbent DAC (powered by
grid and waste heat), thermochemical
cycle, methanol synthesis process

Solid sorbent DAC (fuelled by waste heat
from electrolyser), electrolyser,
methanation unit

Adsorption-based DAC (powered by wind
energy), membrane-based DAC, enhanced
oil recovery

Air contactor, bipolar-anion exchange
membrane, bipolar-cation exchange
membrane

Natural gas fed-L-DAC, biomass
gasification fed-L-DAC, biomass boiler fed-
solid sorbent carbon capture and DAC

Techno-economic analysis
and parametric studies

Thermodynamic and
economic analysis

Economic analysis

Thermodynamic and
economic analysis

Levelised cost of syngas and
energy efficiency analysis

Economic analysis
including net present value
and cash flow

Energy, exergy, economic,
and environmental analysis

Levelised cost of DAC,
cumulative cost, and
profitability analysis
Multi-objective
optimisation, economic and
energy evaluation
Levelised cost of CO,
removal, capital cost
expenditure, net operating
cost

The process has the potential to remove
463.5-882.3 g CO2/kWeh and achieves
LCOE of £50/MWh

Due to high capital requirement of the
SOFC, the capital cost is estimated as
£744.6/kWep

The LCOA shows a high value initially, at
$382/tCO,, but could be reduced with the
advances of technology maturity and the
net zero economy

The LCOA of natural gas standalone
scenario varies from $240/tCO, to $409/
tCO3, and is more sensitive to temperature

Levelised cost of syngas is around 1 $/kg.
Energy-efficient and cost-competitive DAC-
carbonate-electrolysis needs cheaper
electricity and membrane

The most economical methanol is produced
with a central solid sorbent DAC that
consumes the low-quality waste heat from
the downstream process

The exergy efficiency is mainly due to the
uncertainty of the ambient conditions, and
the levelised cost of synthetic natural gas
ranges between 130 €/MWh and 744
€/MWh

Lower LCOE of $25/MWh yielded a cost of
DAC of $3-$7/tCO,

Energy cost can be reduced by improving
cell conductivity. The levelized cost of the
air capture units is $49-77/tCO,
Levelised costs of CO, removal by the
biomass fed L-DAC and natural gas fed L-
DAC range from $54-187/tCO, and
$65-268/tCO, respectively
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produced from electrolysis, whereby electrolysis is powered by renew-
able energy, there is potential to maximise the efficiency of a hydrogen
fed SOFC integrated DAC system in carbon reduction to create a truly
sustainable NET.

Table 1 summarises a literature review on previous analysis of in-
tegrated DAC system. The review showed that the technical and eco-
nomic feasibility of the proposed integrated renewable hydrogen fed
SOFC and L-DAC system has not been investigated before. As both L-
DAC and SOFCs are commercially immature, pricing estimates vary
widely, which presents the need for exploring the parameters and pro-
cess settings of the system. Thus, this study is novel as it fills this
research gap by developing a detailed model of the integrated DAC-
SOFC fed by renewable hydrogen. Appropriate economic assumptions
to estimate key techno-economic parameters for the whole process are
also established in this study, including the levelised cost of capture
from air (LCOA) and levelised cost of electricity (LCOE) to determine its
viability, both with current prices and prices in a possible 2050 scenario.

2. Materials and methods

To analyse the techno-economic viability of L-DAC, a model was
created in AspenPlus v12.2 to represent the process, the behaviour of the
SOFC and the integration of the L-DAC and the SOFC systems. Key pa-
rameters were chosen to assess the performance of the proposed system.
A model validation was performed against CE’s L-DAC system [6] and an
natural gas fed SOFC system [39]. From a thermodynamic perspective,
the optimal setup for the process was identified and the impact of
changing thermodynamic parameters on performance was assessed. An
economic analysis was included, exploring the sensitivity of the system’s
levelised costs when significant parameters such as hydrogen fuel prices

Energy Conversion and Management 315 (2024) 118739

are altered. To account for future pricing changes, a 2050 economic
scenario was modelled including predictions of key parameters such as
SOFC unit prices and the price of hydrogen fuel. As such, the techno-
economic viability of such a system both in the present and in the
future was assessed.

3. Model description

In AspenPlus v12.2, the L-DAC model was modelled based on CE’s
industrial scale process designed by Keith et al. [6], which applied
conventional natural gas combustion for energy generation, for which
an AspenPlus model was created by Bianchi et al. [40]. The SOFC system
was modelled based on the natural gas fed SOFC model reported by
Hanak et al. [8] to provide heat and electricity to a once-through DAC
process. The SOFC unit itself was adjusted based on the Zhang et al.’s
[39] natural gas fed model to accommodate pure hydrogen as a fuel. The
integrated hydrogen fed DAC-SOFC system consisted of six key com-
ponents: the air contactor, the pellet reactor, the steam slaker, the
calciner, the CO5 compression unit, and the SOFC, as shown in Fig. 1.
Details of each component and the reactions involved were described in
the following subsections. Temperatures, mass flow rates and enthalpies
of each stream, mass and energy balances, as well as the characteristics
of each AspenPlus component used to create the model in every block
were provided in Supplementary Information (S.1- 5.9).

3.1. Direct air carbon capture
The L-DAC process was suggested by Keith et al. [6] and highlighted

here: during the process, ambient air is drawn through the air contactor
unit, where its CO; content reacts with the aqueous potassium hydroxide

Ca(OH
Lost O Water
os'
Ca(OH), Cao Slakoer
D — 300°C
CaCO, | Water )

> co, | (C00ling water
o compression
i co
< Caco,| ca0 : 45:C | Compressed CO,

KOH 5
solvent i
]
% : Air
3 . D —
5 Air
s O, separation
Air Air contactor s
] 2re 200°C
< Waste air|
i Electricity output

] . I

= Calciner %

) 900°C £

5 5

cac0s = = SOFC
Exhaust gas
7 Fuel
Vitiated air] ~ Cathode Anode (Hp)
950°C 950°C
1 — Air
—>
A
Vitiated air

— > Gases

—» Liquids

——» Solids
Electricity

4

Water District heat | \water out
—p network E—

70°C
Exhaust gasi

Unburnt fuel stream

Fig. 1. Block diagram of DAC-SOFC system.
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(KOH) solution to form potassium carbonate (K2COs), as presented in
Eq. (1). This solution is pumped into the pellet reactor, which contains
calcium carbonate (CaCOj3) pellets suspended in a solution flowing up-
wards through the reactor. A slurry of calcium hydroxide (Ca(OH)») is
injected at the bottom of the reactor from slaker, driving the dissolution
of Ca(OH) and the precipitation of CaCOs, as presented in Eq. (2). Small
seed CaCOs pellets are formed at the top of pellet reactor. As they grow
in size, they discharge from the bottom of the reactor to the calciner,
where CaCOs is thermally decomposed at approximately 900 °C to yield
CO3 and calcium oxide (CaO), as presented in Eq. (3). The CO5 stream is
then compressed and cooled in the compression unit, ready to be
sequestered or sold and transported. In the slaker unit, CaO is hydrated
to form Ca(OH),, which can then be fed back into the pellet reactor, as
presented in Eq. (4). The balance equations detailed in the process are
summarised below [6].

2KOH + CO,—K,CO3 + H,O (€D)]
K,CO5 + Ca(OH),—2KOH + CaCO3 (2)
CaCO3—Ca0 + CO, ()]
CaO + H,0—Ca(OH), @

3.2. Solid oxide fuel cell

The SOFCs are fuel cells with dense ceramic electrolyte transporting
oxygen ions and filling the space between the electrodes material,
operating at 600-1,200 °C [41]. The overall chemical reaction of the
hydrogen fed SOFC combines hydrogen with oxygen to form water, as
presented in Eq. (5). This can be divided into two half reactions: at the
cathode, oxygen ionises to form 02, as shown in Eq. (6); and at the
anode, a gaseous hydrogen molecule is oxidised to form a water mole-
cule whilst releasing electrons, as shown in Eq. (7) [23].

1
H2 +502—>H20 (5)
1 .,

502+2¢~0 Q)
H, +0* -H,0+2e” @

The electrons flow between the anode and cathode via an external
electrical circuit, generating DC electricity (which can be converted to
AC with an additional converter not modelled in this study). In this
study, electricity generated from SOFC supplies power to the fan and
pump in the air contactor, the fluid pump in the pellet reactor, the
slaking process in slaker, the air separation unit, and the CO,
compression system. At the anode, high temperature exhaust gas is
released containing excess fuel and steam, while at the cathode, off-gas
is released containing vitiated air from which oxygen has been separated
out [39]. Anode materials should cover a large surface area of triple
phase boundary to maximise the anodic reaction and should also have
prominent porous microstructure to facilitate a quick fuel gas transport.
The metal-based materials with characteristics of high electrocatalytic
activity for fuel oxidation and high ionic and electronic conductivity,
such as nickel-yttria stabilised zirconia (Ni-YSZ), were investigated as
potential anode materials [41]. High temperature and high utilisation of
fuel gas in the cell anode will increase a risk of re-oxidation of Ni, which
will damage the cell [42]. As AspenPlus cannot model the flow of
electrons, the model for the SOFC was approximated to simulate the
overall reaction as Eq. (5). Neither bypass side reaction nor re-oxidation
reaction is considered in this model.

The rated power of SOFC (WSOFC‘DC) is specified as 50 MWej, ¢, which
is used as an input in the model to calculate the total area of the SOFC
stack (ACsorc) using Eq. (8) [43]:

Energy Conversion and Management 315 (2024) 118739

WSOFC.DC = Vsorc X Ic X ACsorc = Vsorc X Isorc ®

where Vgop¢ is voltage of SOFC, I¢ is current density, and Isopc is the
current generated by the SOFC and can be calculated by Eq. (9) [44]:

Isorc = zny, F 9)

where z is the number of electrons transferred per reaction, i.e., 2 in this
study, ng, is the mole flow rate of reacted Hy, and F is Faraday constant,
96,485 Aes/mol. In the base case design of this study, a given current
density (210 mA/cmZ) from [39] is used.

Calculation of voltage of SOFC is built based on the Nernst voltage
and semi-empirical models for multiple deviation of voltages. These
equations are organised in Table 2 and implemented in AspenPlus using
a design spec Fortran block function.

where Ags is molar Gibbs free energy change for the Hy electro-
chemical reaction, and R = 8.314 J/(moleK) [49]. Moreover, Tsorc, Tref,
Psorc, and Py are operating and reference temperature and pressure for
SOFC, respectively. In Eq. 11, 0.008 is the constant when operating
temperature in the range 900 °C-1,050 °C [48]. In Eq. 12, 76 stands for
theoretical Nernst constant (mV/decade) [48]. In Eq. 13, 172 is the
theoretical Nernst constant (mV/decade) [48], ;% is the ratio of H, and

steam partial pressures in the system, and <1%20) is the ratio of H, and

ref

steam in the system under reference conditions. In Eq. 14, 92 is the
theoretical Nernst constant (mV/decade) [48], Po2 and Pogs are the
oxygen partial pressures in the system for the actual case and the
reference case, respectively. Table 3 lists base case design parameters.

3.3. Integrated solid oxide fuel cell-calciner setup

The critical part of this process is the calcination setup, which was
modelled based on the natural gas fed system [8] and adjusted for a
SOFC unit fed by pure hydrogen. The SOFC’s cathode exhaust gases
consist of vitiated air, and the anode exhaust consists of unburnt
hydrogen fuel and steam, both at 950 °C. The anode exhaust is fed
directly to the calciner where the unburnt hydrogen based on the fuel
utilisation factor and steam from the SOFC is combusted, providing the
heat required for calcination through direct transfer. Pure oxygen from

Table 2
Voltage equations of the SOFC.
Parameters Equations References
The Nernst voltage (Standard —Agf (10)
Vg = ——F
operating condition ref oF [45,46]
voltage), Vs * RTyy 1| Pz (Po,)°?
2F Py,0
Voltage changes due to AVy = 0.008 x (11) 47.48
operating temperature and (Tsorc —Trer) % Ic [47,48]
current density, AVr ?
Voltage changes due to P, 12
8¢ chang b AV, =76 x log(-32%¢ (2 147 48
operating pressure, AV, Pres
Voltage changes due to fuel AVanoge = 172 x (13)
s ¢ [47,48]
composition, AVgode P
Przo
log | —"%—
|72
PH20/ rof
Voltage changes due to AVeathode = 92 % (14) [47.48]
oxidant composition, o ( Poa ) ’
AVeathode ® Pozref
Actual output voltage of the Vsorc = Vyer + AV + (15) [47.48]
SOFC:VSOFC AVp + AVanode + AVcathode :
a
Tyes = 1,000 °C,
39
bP,ef =1 bar, (391

C(@) —0.15
PHZO ref ’

4Pozres = 0.164.
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Table 3
Base case design conditions and model assumptions.
Parameter Value Reference
SOFC Rated power output (MWe, 4c) 50 —
AC-DC conversion efficiency 96
[39]
(%0),nac/pe
Operating pressure (bar),Psorc 1.08 (39]
Operating temperature 950
(°C),Tsorc (8]
Reference voltage (mV), V¢ 700 (39]
: 2
Current density (mA/cm?),I¢ 210 (39]
Fuel utilisation (-),Uy 0.60
[391]
Fuel composition Pure hydrogen —
Calciner Operating temperature (°C) 900 [6]
Air separation unit specific 262
power requirement (kWh/tO5)
Operating pressure (bar) 1.0
CaCO3 conversion efficiency 98
(%)
Contactor Fan energy (kWh/tCO,) 67 [6]
Fluid pumping energy (kWh/ 23
tCO5)
Aqueous solution composition 1.0MOH, 0.5M
Cco%, 2.0 MK*
Fraction of CO, captured (%) 75
Pellet Calcium retention 0.9 [6]
Reactor Fluid pumping energy (kWh/ 39
tCO5)
Slaker Power required by slaking heat 35 [6]
(kWh/tCO2)
Conversion to CaO 0.85
Auxiliary Compressor power usage (kWh/ 14 [6]
tCO3)
COy purity (Yomass) 83
CO,, pressure (bar) 150

air separation unit is input to the calciner for the full combustion of
hydrogen. The flow rate of hydrogen fed to the SOFC is adjusted by
design spec Fortran block function in AspenPlus to achieve the rated
power output of 50 MW¢], 4c. As the cathode exhaust is not suitable for
combustion, it is fed to a heat jacket surrounding the calciner, providing
additional heat via indirect heat transfer. The cathode exhaust gas is
then recirculated, preheating the ambient air entering the SOFC via a
heat exchanger, and then passing through to another heat exchanger,
where the remaining heat can be used to heat water to 70 °C, to be sent
to a district heat network. The details of setup of SOFC and calciner in
AspenPlus are described in Supplementary Information S.1.

3.4. Thermodynamic assumptions

Table 3 details the key thermodynamic assumptions made in the
AspenPlus model. A 50 MW, 4. SOFC was selected to provide the high-
grade heat and electricity, as it would have sufficient capability to
provide the magnitude of heat and power required to conduct an L-DAC
process in the range of thousand tonne of CO; per year. Additionally,
SOFCs in the range of 1-60 MW, 4. are comparable to existing com-
bined heat and power plants [50]. As the air separation unit wasn’t
modelled in this study, its power requirement was cited from Keith et al.
[6], i.e., 262 kWh/tO,. Fraction of CO; captured (75 %) at air contactor
is cited from Keith et al. [6], which has been validated by pilot data.

The fuel utilisation of the SOFC (Uy) is defined as the molar pro-
portion of fresh fuel fed to the SOFC that is used in the SOFC’s elec-
trochemical reactions (i.e., the remaining proportion of the fresh fuel is
released via the exhaust). In line with [39], a Uy of 0.6 was set as the base
case for the proposed model based on preliminary testing to achieve
increased levels of thermal decomposition of CaCOg in the L-DAC pro-
cess. The air utilisation of the SOFC (U, ) is defined as the fraction of the
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consumed oxygen (N, consumed) t0 the input oxygen (no, ) at cathode,
which can be calculated as Eq. (16).

Ua _ No, consumed (1 6)
nOg.in
Referring Stefano’s work [48], no, consumed can be calculated by Eq.
17):

Ic x AC,
No, consumed = % (17)

where air utilisation factor is calculated as 0.14 based on the base case
design conditions.

An important aspect of the overall setup that must be noted for
thermodynamic analysis is that the system was specified in AspenPlus to
maintain a 98 % conversion rate of CaCOs and an output temperature
from the calciner of 900 °C. These specifications were met by adjusting
the hydrogen fuel supplied to the SOFC, and by extension of the
hydrogen supplied to the calciner at a specified value of U;. As the
thermal decomposition of CaCOj3 is an endothermic reaction, the
amount of hydrogen fuel must be controlled in order for the reaction to
be maintained at 900 °C.

3.5. Economic assumptions

A combination of economic estimations and assumptions were used
to calculate the capital expenditure (CapEx) and operating expenditure
(OpEx) of the proposed system, as well as to establish the widely used
techno-economic performance indicator for DAC. In the integrated
system, the price of hydrogen (Cp1) as a fuel cost will impact the results
of LCOA. Prices of hydrogen produced through electrolysis using
renewable energy sources are fundamentally linked to renewable elec-
tricity prices. The electricity market is volatile and currently prices are
high due to fuel supply constraints and uncertainty [51]. In this study, it
was assumed that a power purchase agreement (PPA) of renewable
electricity for hydrogen generation via electrolysis has been established.
Extra cost for hydrogen storage and transportation was not included.
Table 4 details current hydrogen prices in the UK based on PPAs. The
base case applied the lowest cost option of hydrogen, i.e., generated with
electricity from an offshore wind PPA. Due to the current elevated price
of hydrogen production and the widely anticipated fall in prices with
increased investment, Cp, was modelled with the consideration of a
gradual decline in production cost over time [51]. Therefore, it was
assumed that a new PPA would be negotiated every 5 years and the price
of hydrogen would go down by 10 % each time to reflect the possibility
of making slow progress on these targets.

Scaling estimates for the OpEx and CapEx of the system are made in
Table 5. The L-DAC component prices primarily were scaled linearly. As
the air contactor and pellet reactor are modular, when scaling down,
their capital cost would be consistent to a minimum capacity of 91
ktCOy/year [6]. However, the calciner unit would be the exception (as it
was a bespoke unit), therefore its costs were not scaled linearly. This was
accounted for when calculating costs; the conservative assumption was
made by applying an 80 % increase to the capital costs of this unit if the
capacity of the model was less than half of 907 ktCO,/year [6]. A regular
replacement of SOFC is considered on a 5-year basis within the project
lifetime, of which the expenses correspond to 25 % of the total capital
costs of SOFC [53]. Other key economic parameters utilised in the

Table 4

Hydrogen Prices.
Levelised Cost of Hydrogen Value Reference
Offshore wind PPA based hydrogen (£/kg) 7.83 [52]
Onshore wind PPA based hydrogen (£/kg) 8.34 [52]
Solar PPA based hydrogen (£/kg) 10.73 [52]
Renewable electrolysis based hydrogen in 2050 (£/kg) 1.50 [51]
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Table 5
Economic costing and scaling assumptions.
Capital and Operating Expenditures Scaling Breakdown Value References
Direct air capture Field CapEx Air contactor system (£/tCO5) 173 [6]
process Pellet reactor (£/tCO5) 107
Calciner and slaker units (£/tCO5)* 64
Air separation unit (£/tCO5) 44
CO, compressor (£/tCO2) 16
Fines filter (£/tCO5) 25
Other equipment (£/tCO5) 84
Buildings (£/tCO2) 5
Transformer (£/tCO5) 16
Indirect field costs (£/tCO2) 72
Total field costs (£/tCO5) 607
Non-field CapEx Engineering (£/tCO2) 110 [6]
Other project costs (£/tCO5) 39
Contingency (£/tCO2) 128
Total non-field costs (£/tCO>) 277
Total CapEx CapExp,¢(£/tCO2) 885 6]
OpEx Annual fixed and variable costs * OpExp,(£/tCO2) 34 6]
Solid oxide fuel cell CapEx SOFC stack (£) [Area, ACsorc (m?); Operating temperature, Tsorc Csorc = ACsorc(2.96Tsorc — 1907) 8
@1 [8]
DC-AC inverter (£) [Rated power output, Wsorc pc(kWep)] X 07
Csorcoc/ac = 10° x Wsore.pc
500
SOFC auxiliaries (£) Csorc.aux = 0.1Csorc
Total SOFC CapEx, CapExgopc(£) CapExsope = Csorcaux + Csorcpc/ac +
Csorc
Air preheater (£) [Heat exchanger area, ACpx; (m?)] B (ACHXI)
Cux1 = 130
0.093
District heat exchanger (£) [Heat exchanger area, ACxx2 (m?)] (ACHm)
Cux2 =130
0.093
SOFC stack cost in 2050 ($/kWq) 207 [54]
OpEx Annual fixed costs (£) OPEXsopc fixed = 0-01CapEXgorc 8]
Annual variable costs (£) OpEXgopcyar = 0.02CapExgope
Total annual operating costs, OpExgopc (£) ¢ = 0.03CapExsopc
Replacement cost ~ Replacement cost of SOFC every 5 years within project lifetime (£) Csorcrep = 0.25CapExgopc 53]
Fuel costs Hydrogen price for base case, Cpe (£/kg) 7.83 (521
Reduction in hydrogen price (%/5 years) 10 -

" The capital cost / unit capacity would be ~ 80 % larger than this figure for systems smaller than 907 ktCO,/year [6].
™ Fixed costs would dominate the operating expenditure, therefore the number was quoted as an overall figure.

calculation of levelised costs are presented in Table 6.
3.6. Modelling of key performance indicators

A selection of key performance indicators (KPIs) was used to assess
the performance of the DAC-SOFC system for CO5 capture and power
generation capabilities. The energy balance of the SOFC system is
evaluated based on Eq. (18). An assumption was made for the SOFC, i.e.,
as the operation of the SOFC stack was isolated, there was no heat ex-
change between the system and its surrounding environment. The en-
ergy losses from SOFC were accounted in terms of the heat involved in
the anode and cathode exhausts and the unburnt hydrogen at the anode,
all of which were recovered and used in the calcination process.

Table 6

Assumptions of project deployment.
Parameter Value Reference
USD-GBP exchange rate — March 2023 0.83 [55]
Project lifetime (years) 25 [8]
Capacity factor (%) 80 [8]
Fuel cell degradation rate (mV/1000hrs) 5 [8]
Loan interest rate (%) 5 [8]
Internal rate of return (%) 8.78 [8]
Owners’ equity share (%) 50
Proportion of debt (%) 50 -
Price of electricity (£/MWh) 120 [56]
Carbon price — UK 2023 (£/tCO3) 44 [57]

rhfuelLHVfuel = Ecalciner + WSOFC + Z (r.nh)out.other - Z (T.nh)in.other (18)

where my,, is mass flow rate of fuel supplied to SOFC, LHVy,, is the
lower heating value of the fuel, E.qner is energy supplied to the calciner
which includes the heat and unburnt fuel from anode exhaust to the
calciner and heat from cathode exhaust to a heat jacket surrounding the
calciner, Wsorc is power output from SOFC which equals Wsorc pe
multiplied by AC-DC conversion efficiency (75¢/pc), and

> (fnh)out’mhe,—z (mh),, oer is enthalpy changes of other input and
output flows to the SOFC. The E,qciner is calculated as Eq. (19):

Ecalciner = mexcessLH Vfuel + Msteam (hsteam,in - hsteam.out) + mcath(hmth.in

- hcath.out) (19)

where Meycess, Msteam, Meath are the mass flow of unburnt fuel, steam, and
cathode exhaust, respectively, and Asweam,in, Rsteam,outs Reathins Reathour are
input and output specific enthalpy of steam and cathode exhaust,
respectively.

The calciner setup for this system was indicative of the validity of the
process setup, and therefore the specific energy consumption of the
calciner (q.qiner)> s defined in Eq. (20), was used for validation pur-
poses with other models:

Eca ciner
Ici (20)

qcalciner == :
Mco2,0ut — Mco2,in
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where the lower part of Eq. (20), Mco2 our —Mco2.in, i the mass flow rate
of production of CO; in the calciner.

The net power output of the integrated DAC-SOFC system (W) is
estimated by Eq. (21):

Wnet = WSOFC - Wp (21)

where Wp is the DAC process’ parasitic load which is calculated by Eq.
(22):

Wp = MDAC X (Wcal + Wfan + Wpu.mp + Wsla + Wcom) (22)

where Mpyc is DAC capacity, and Wea, Wfan, Wpump, Wy, and Weonm are
specific power consumption for calciner unit, fan, fluid pumps, slaker,
and CO, compressors, respectively, which are given in Table 3.

The net system efficiency (1,,) of whole integrated system is a
measure of how effective the system is at delivering excess electricity for
sale, as defined by Eq. (23):

Whet

— (23)
mmeH Vfuel

Nnet =

where my,; is mass flow rate of fuel supplied to solid oxide fuel cell. The
thermal efficiency of SOFC (1jgorc), as defined in Eq. (24), is a measure of
the fuel cell’s ability to deliver power given a chemical input:

Wsorc

— 24
Mg LH Vel

Nsorc =

The LCOA represents the real cost of air capture accounting for the
discounted sum of costs over the system’s lifetime, divided by the dis-
counted amount of carbon captured over the plant’s lifetime, as detailed
in Eq. (25) [8]. The LCOE was calculated similarly in Eq. (26), using the
discounted costs of the system and the discounted production of elec-
tricity. These equations are estimated for the entire DAC-SOFC system,
which means that the costs of both DAC and SOFC systems contribute to
the total CapEx and OpEx. The LCOA and the LCOE therefore indicate the
price at which either CO; or net electricity would have to be sold as a
product for the integrated system to break even, assuming that the price
of the other would remain at zero [8].

n  I+LR+OpEx+8760rig Crietk

_ t=0 (1+i)
LCOA = n - 8760mek (25)
t=0 (1+i)"
n  I+LR+OpEx+8760ny, Crierk
_ 4Lut=0 (1+0)
LCOE =  B760Wk (26)
t=0" (140

where I, is the investment cost in year ¢, LR is the annual debt service,
OpEx is the annual operating expenditure, (which would be dominated
by fixed costs and therefore was not adjusted with the capacity factor, k).
The mass flow rate of fuel () was adjusted by capacity factor k, the
number of hours in a year i.e., 8,760 h, and the price of hydrogen in year
t (Cfuere)- The sum of these costs was discounted by the internal rate of
return (i) for each year of the project’s lifetime (n). The discounted sum
of costs was divided by the discounted sum of CO5 captured (mcp2) and
the electricity generated (W), respectively.

4. Results and discussion

In this section, the performance of the proposed DAC-SOFC inte-
grated system is firstly evaluated and compared with the performance of
two referenced systems. The effects of fuel utilisation of the SOFC on the
integrated system are studied in terms of the energy consumed by the
calciner, the capture capacity of the system, and thermal and economic
results. A future scenario is created to analyse cost distribution of the
system in 2050.
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4.1. Comparison of key performance indicators

To validate the model of SOFC developed in this study, the results
obtained from the current SOFC model are compared with the simula-
tion work by Zhang et al. [39]. The fuel composition used in the Zhang
et al.’s model includes 81.3 % CHy, 2.9 % CoHg, 0.4 % CsHg, 0.2 %
C4H19, 14.3 % No, and 0.9 % CO, with a fuel utilisation factor of 85 %.
Fig. 2 compares the results from the current SOFC model, the referenced
work, and reference voltage obtained from Eq. 10, which demonstrates a
similar decreased trend in voltage changes with current density. The
higher voltage in present study is triggered by the lower operating
temperature of 980 °C compared to that in Zhang et al. (1,000 °C),
leading more significant voltage changes (AVy) due to the correspond-
ing operating temperature and current density. The model of L-DAC is
consistent with the model created by Bianchi et al.’s work [40]. Their
model has been validated previously with CE’s pilot data [6].

Table 7 details the KPIs for both the thermodynamic and economic
performance of the DAC-SOFC integrated system. It can be noted that, as
CE’s [6] system is solely an L-DAC plant, with no power generation
capabilities, there are a significant number of KPIs that are not appli-
cable to it. However, the CE’s [6] system remains present for validation
purposes, as the L-DAC process used in the proposed system is based
upon their model.

For a Uy of 0.6, the proposed DAC-SOFC system delivers a maximum
capacity of 270 ktCOo/year. An estimated 37.6 MWy, of thermal energy
generated was supplied to the calciner via heat transfer from the SOFC’s
exhaust gases. The parasitic load (Wp) of the L-DAC was 17.3 MW, with
an excess 28.7 MW, generated by the SOFC, which could be sold to the
grid. This system resulted in an LCOA and LCOE of £1,013/tCO2 and
£1,127/MWgh, respectively, compared to the current rates of approxi-
mately £44/tCO2 and £120/MW_h detailed in Table 6. As its CO, cap-
ture capacity is over a quarter of the CE’s system [6], it sits firmly above
the 91 ktCOy/year benchmark and confirms that the economic scaling
assumptions made in Table 5 are valid.

The calciner energy consumption, q.qiner» iS DOt a traditional KPI for
such processes, but was chosen to technically validate the setup of the
calciner in the model, as this is the critical aspect that differs in the
proposed model compared to the established CE’s setup of the system
[6]. The identical g gy Of 4.40 GJ/tCO; confirms the modelling of the
calciner is correct for the system given. It must be acknowledged that
Geaiciner fOr the Hanak et al.’s [8] system is almost half that of the CE’s
system [6]. One potential reason for the lower §,y.inr could be that the
CO4 leaving the calciner in the model was set at a temperature of ~
500 °C, despite operating temperature of the calciner remaining at

0.72
--@-- Reference voltage
--m--Zhang et al. [39]
0.70 —A— Present study
0.68
o
20661 S “
2
> o u
0.64 e
0.
0.62 | -
0.60 : : '

160 180 200 220 240 260

Current density (mA/cm?)

Fig. 2. Validation of SOFC model in this study.
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Table 7
Comparison of KPIs between proposed system and reference systems [6,8].
Variety Parameter Proposed Hanak CE’s
system etal’s system
system [6]
[8]
Thermodynamic ~ Plant capture capacity 269,317 182,385 901,600
(tCOy/year)
Fuel type Hydrogen Natural Natural
Gas Gas
Calciner energy 4.40 2.51% 4.41*
consumption, g giner
(GJ/tCO2)
Power output, Wsorc 46.0 24.2 -
(MWep)
Net power output, Wyee ~ 28.7 21.3 -
(MWe)
Parasitic load, W, 17.3 2.9 -
(MWe)
Thermal energy supply 37.6 - -
to calciner, Quaciner
(thh)
Thermal efficiency of 42.2 46.8 -
SOFC, nsopc (%oruv)
Net system efficiency, 24.2 47.7 -
Nnet(YoLEv)
Fuel utilisation of 0.60 0.85 -
SOFC, Us(-)
H, consumption (t/ 0.113 — —
tCO5)
Operational voltage of 0.68 0.70 -
SOFC, Vsorc (V)
Economic Levelised cost of 1,013 149+ 123-304
capture, LCOA (£/tCO2) *
Levelised cost of 1,127 50 —
electricity, LCOE
(£/MW_h)
Cost of fuel (£/GJ) 65.17 3.50 2.59

* The figure is stated to account for the net CO, removed from the atmosphere.
* Unlike in Table 5, the price of fuel is measured in £/GJ to compare the
energy provided as LHV values of fuels differ.

900 °C. Another possible reason is that the calciner in the Hanak et al.’s
[8] system was governed by electrochemistry specified in an alternative
Excel file (which is not freely accessible). With the limited information
provided, the model could not be recreated accurately, and therefore
only speculation can be made as to the reasons for the divergence in
their results.

The proposed model’s net efficiency (1,,,) is significantly lower than
that of the Hanak et al.’s [8] system, which reflects the larger parasitic
load (Wp) of the DAC system in this model. Hanak et al. [8] utilises an
alternative once-through DAC concept, where CaCOs is fed directly to
calciner and the thermally decomposed products of CaO and CO; are
both sold, with no regeneration cycle for the CaO, as is the case in CE’s
[6] model and the one proposed in this study. The once-through DAC
process has lesser power demands, as smaller quantities of fluid must be
pumped around the system and pressurised, hence the DAC system has a
lower parasitic load.

Additionally, Hanak et al [8] modelled the system as a combined
DAC and power generation plant, whereas the proposed model for this
study must be considered more alike to the CE’s model [6], with the
primary purpose of conducting DAC, and the added benefit in the pro-
posed model of generating additional revenue through selling excess
electricity and heat. This justifies the lower 7, as it is anticipated in the
proposed model that W, will dominate the power generation capabilities
of the SOFC. While naturally it is still beneficial to minimise the parasitic
load (W,), the nature of a regenerative system is more energy intensive
than a once-through system but comes with the economic benefit of
recycling material and an inherent sustainability.

Similarly, the LCOE of £1,127/MWgh being two orders of magnitude
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higher than the Hanak et al.’s [8] system, while unhelpful economically
for the proposed system, is not an indicator of the model’s inaccuracy.
The value of LCOE as detailed in Eq. (26) assumes that the primary in-
come stream of the proposed system (carbon capture) does not exist and
is instead covering costs entirely with revenue generated from selling
electricity generated. Hanak et al. [8] proposed a combined power
generation and carbon capture plant, and therefore is analysing two
comparable income streams with this method of LCOE. However, the
proposed system here is geared towards its primary purpose of per-
forming L-DAC, which means that the objective of the plant is to
maximise its carbon capture capabilities, rather than its #,,, which
would otherwise help the SOFC system generate more excess electricity.

Both LCOA figures in Hanak et al.’s [8] and CE’s [6] systems account
for the fact that they burn natural gas to power DAC, and therefore
release additional carbon into their respective systems, by subtracting
the amount of CO, released as a result of combustion from the final
carbon output figures of the system (this figure is often referred to as the
net CO, removed from the atmosphere). The proposed system’s LCOA at
£1,013/tCO;, is significantly higher than other two systems, as well as
being higher than the estimates predicted across literature on the sub-
ject, which typically state a maximum of around £915/tCO, [10]. Fig. 3
shows the distribution of CapEx and OpEx for the integrated DAC-SOFC
system. In total, the CapEx is £303.27 million, the OpEx excluding fuel is
£21.43 million, and the fuel costs is £194.70 million. The CapEx ac-
counts for 58 % of total expenses for the integrated system, followed by
fuel costs at 37 %. Excluding fuel costs, fixed and variable OpEx repre-
sent only 1.9 % and 0.15 % of the total costs, respectively. It demon-
strates that the system’s OpEx is heavily dominated by fuel costs, as the
price of hydrogen used in the proposed model is approximately 20 times
the price of the fuels used in Hanak et al.’s [8] and CE’s [6] systems.
However, as Table 4 indicates, this cost is anticipated to drop dramati-
cally as increasing investment is made in hydrogen production. It is also
a reasonable assumption that given the global push towards net zero
targets, the availability and price of natural gas will eventually render
the combustion of fossil fuels economically inviable.

4.2. Thermodynamic and economic results

Using a fixed 50 MWe|, 4. SOFC to provide both heat and electricity to
the L-DAC system means that the amount of CO, captured depends on
the thermal energy delivered by the SOFC to the calciner, both directly
and indirectly via the exhaust gases of the calciner. The energy available
to the calciner varies with the Uy of the SOFC, as demonstrated in Fig. 4a.
The heat transferred via the heat jacket, i.e., from the cathode exhaust,
remains relatively constant (due to the air requirements for the SOFC
remaining largely similar despite Uy variation) while the energy via
combustion declines almost linearly with Us. As Uy increases in the
SOFC, less fuel is sent to the calciner and therefore less fuel is combusted
there, and the thermal energy provided for the decomposition of CaCO3
declines.

The capacity of the system to remove COs is dictated by the energy
available from the SOFC’s exhaust gases to maintain a 98 % conversion
rate of CaCOg delivered to the calciner, and to maintain the required
calcination temperature of 900 °C. The power requirements of the DAC
process (i.e., the parasitic load Wp) decline linearly with the capacity of
the DAC plant, as the parameters in Table 3 set out. Fig. 4b demonstrates
this, as the plant capacity and W, steadily decline together while the Uy
of the SOFC increases. Decline in the plant capacity also increases spe-
cific energy consumption of calciner, as shown in Fig. 4c, where energy
required for separating one tonne of CO; from CaCOs increases from
4.40 GJ/tCO3 to 5.53 GJ/tCO> with the increase of the Uy. Even though
the energy supplied by the SOFC to the calciner decreases as the Uy in-
creases, the higher Uy can result in a more significant reduction in the
plant capacity.

Fig. 4d indicates that 5gop; peaks at ~ 0.77, showing that the SOFC’s
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Fig. 3. Initial cost distribution of proposed model.

power generation is most efficient at this point. However, ,,,, decreases
at a slower rate and appears to level off with increasing Uy. This can be
explained referring to Fig. 4b, as the plant capacity and thus W, continue
to decline with Uy. This is because the amount of CaCOj3 that can be
thermally decomposed while maintaining a 98 % conversion rate of
CaCOj3 and a temperature in the calciner of 900 °C declines as less fuel

and heat is delivered to the calciner by the SOFC. Therefore, Wy con-
tinues to increase with Uy, as this figure is simply the rated 50 MWy, dc
output converted to AC (Wsorc), less W

The LCOA of the system in Fig. 4e is dominated by the cost of
hydrogen fuel and therefore minimised when the fuel is utilised most
effectively between both the calciner and the SOFC. Conversely, the
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LCOE decreases as Uy increases, albeit at a slower rate. As LCOE is in-
dependent of the CO, captured, its decline is largely dependent on W,
reducing and the W, increasing. However, as the Mnee 1€Vels off with Uy
in Fig. 4d, so does the rate of decrease of LCOE with fuel utilisation, as
fuel consumption and costs increase to counteract the lessened #gopc. It
remains apparent however that the LCOA is more sensitive to the Ur
increase. Therefore, from an economic perspective, Uy should remain
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minimised while not compromising the SOFC’s performance.

Fig. 4f shows variation of voltage with changing U;. A significant
decrease in voltage is shown when increasing Uy. Higher Uy increases the
amount of hydrogen reacted at anode, meanwhile increasing the per-
centage of oxygen combined with electrons at cathode. Consequently,
the voltage changes due to fuel composition AVy,,4. and due to oxidant
composition AVg,4. would both decrease, which directly influence the
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output voltage of the SOFC. As partial pressures of hydrogen and oxygen
in the output steams from anode and cathode become lower, the actual
output voltage of the SOFC is reduced.

Both DAC and SOFCs are commercially immature technologies, with
limited certainty on prices both at present and in the future. In the
proposed model, it is assumed that the cost of CE’s [6] form of L-DAC
will remain constant, due to the capital-intensive nature of the project
and its highly specialised technology, limiting significant economies of
scale in the near future. However, the price of hydrogen and the capital
cost of SOFCs have more potential to change in the near future.

Hydrogen prices are given between a range of £1-15/kg, which is
realistic given the volatility of electricity prices and thus the resulting
cost of producing hydrogen [51]. The CapExg,y. is estimated using a
range of £622-12,450/kW, where kW indicates the rated DC (direct
current) generation capacity, scaled linearly for simplicity [54]. The
LCOE and LCOA are sensitive to both an increased CapExgop: and the
price of hydrogen for fuel use in Fig. 5, however it is clear that hydrogen
prices have a greater influence on both parameters, given its domination
of the OpEx of the system.

The fundamental business model of the proposed process will be to
sell the captured carbon, either to be sequestered and offset an organi-
sation’s emissions or to be transported and used for industrial processes.
Therefore, to be economically viable, the price at which carbon is sold
must be below the carbon tax rate, for this to be an attractive option for
businesses. The minimum value of LCOA across all scenarios drops to
£314/tCO4, when hydrogen is at a price of just under £1/kg in Fig. 5a,
which is anticipated to be the minimum price at which hydrogen pro-
duced through electrolysis using renewable energy will ever be
economically feasible [51]. Given that anticipated carbon taxes around
the world are predicted to rise to a maximum of £125/tCO in 2030 [57],
the proposed system is unlikely to be profitable, until reductions in cost
can be made across the overall CapEx on the DAC system and SOFC
stack.

4.3. 2050 Scenario

A future scenario has been created for 2050 using scaled CapEx and
OpEx estimates for L-DAC from Keith et al.’s work [6], with cost esti-
mates detailed in Table 8. The DAC plant in 2050 from Keith et al. [6]
was assumed as the N built DAC plant, which has improved its con-
structability and supply chain relationships, leading reductions of 5 % in
contingency cost, 5 % in engineering cost, and 20 % on material costs. In
2050 scenario, the estimate of CapExgyp. considered the U.S. Depart-
ment of Energy’s capital cost target anticipation for SOFC stacks, which
is $207/kWy. of SOFC power generation capacity [54]. This is a
simplified scenario in which changes in interest rates, inflation rates and
exchange rates are not accounted for.

Fig. 6 displays the cost distribution for a 2050 scenario. The
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Table 8
2050 cost estimations.

Parameter Current 2050 Reference (for
Value Value 2050)
CapExp¢(£/1CO5) 885 610 -
OpExp,c(£/tCO5) 34 27 -
CapExgopc*(£m) 45.5 11.4 (54]
tol

OpE. (£ 1.20 0.26

PExsorc*(£m) [54]
Price of hydrogen fuel 7.83 1.00 [51]

(£/kg)

" Quoted in total price for comparison as a linear scaling method has been used
for 2050 scenario.

CapExg . is estimated to reduce more significantly than the CapEx;,,
given the anticipated acceleration in the adoption of the SOFC tech-
nology [50,54]. Fuel costs in Fig. 6b still are the largest single factor in
the system’s OpEx, but no longer dwarf the other elements, as they did in
Fig. 3b. This significant reduction in OpEx as well as reduced CapEx,
leads to an LCOA for this 2050 scenario of £191/tCO, which fits within
the range of LCOA estimates in Table 8 for the CE’s model [6]. While still
at the higher end of these estimates, this is an economically feasible
figure for two reasons: carbon taxes could foreseeably increase to this
price if estimates for 2030 are £125/tCO5 [57], and it is very much a
possibility that in the UK and beyond, the use of natural gas will either
be banned or have financial penalties in place that render it an
economically unviable option for fuelling a process where alternatives
are available.

Table 9 and Table 10 compares LCOA between the proposed system
and other forms of DAC technologies, and the LCOE between the pro-
posed system and SOFC integrated with CC system, respectively. The
results show that both levelised cost of direct air capture and electricity
vary widely with different technologies. Comparable LCOA of the pro-
posed system in 2050 to other DAC technologies indicates future feasi-
bility of integrating SOFC and renewable hydrogen into DAC. Table 9
also compares electricity and heat demands for capturing 1 tonne of
CO». Proposed system in this study shows higher electricity than other
DAC technologies, except for the membrane DAC. This could be due to
the entire DAC process which is from the air contactor to CO;
compressor having a higher parasitic load. In Table 10, the proposed
system could still have a high LCOE in 2050 compared to others, sug-
gesting that SOFC from such an integrated system may not be suitable
for producing excess electricity for sale and therefore should be designed
to match the size of DAC for sufficient electricity supply.

SOFC Price (£/kW,)
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Fig. 5. Levelised cost variation with hydrogen price and SOFC price.
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Fig. 6. Estimated cost distribution under 2050 scenario.

Table 9
Comparison of different DAC technologies based on LCOA and energy
requirements.

Technology LCOA Electricity Heat Reference
(£/tC0O2) demand demand
(kWh/tCO2) (GJ/tCO3)

Proposed system 1,013 563 4.4 -

Proposed system in 191 - - -
2050

Natural gas-SOFC-L- 149 - - [8]
DAC

High temperature 123-304 366 5.3 [6]
DAC

Low temperature 415-498 - - [58]
DAC

Passive DAC using 116-282 400 5.76 [59]
solid sorbent

Membrane DAC 830-8,300 3000 — [22,60]

Aqueous amine DAC 83-830 0.403 10.7 [61]

4.4. Further work and challenges

The key technical limitations of the thermodynamic model largely
surround the untested nature of the setup beyond thermodynamic sim-
ulations. Although the L-DAC model and the SOFC model individually
are both proven in reality, the model integrating the two of them is
currently an approximation, envisioning a theoretical heat jacket sur-
rounding the calciner and the anode exhaust gas of the SOFC fed directly
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Table 10

Comparison of LCOE across different SOFC-CC technologies.
Technology LCOE (£/MWgh) Reference
Proposed system 1,127 —
Proposed system in 2050 204 -
Natural gas-SOFC-DAC 50 [8]
Biogas-SOFC-gas turbine-CC 123 [62]
Coal-SOFC-gas turbine-CC 53-73 [63]
Natural gas-SOFC-gas turbine-CC 50-54 [63]

to the calciner, which presents a challenge to system stability. Further
work of testing a lab-scale model and determining the inefficiencies of
heat transfer to the calciner from the SOFC would benefit the proposed
system. Similarly, the costs of integrating the two systems and any
custom equipment should be considered in the future work to improve
the economic model. As there is such large variation in the price of
capital costs for key components, there seems limited value in making
these more detailed estimates currently.

The current high capital costs of a SOFC and hydrogen fuel present
another challenge to generate electricity at a competitive price. One
possible consideration for this is to use the excess electricity generated
for hydrogen electrolysis, which could partially meet the demand for
fuel costs, thus reducing some operating expense. Alternative sustain-
able scenario could be explored by removing the SOFC altogether and
studying the feasibility of simply feeding pure hydrogen as a fuel to the
calciner and using renewably generated electricity to meet the parasitic
load requirements of the L-DAC process. This would remove the oper-
ating and capital expenditure of the SOFC and eliminate the additional
fuel costs spent on generating excess expensive electricity. Using
hydrogen solely as a fuel combusted in the calciner and buying alter-
native renewable electricity to power the process could be a cheaper
option, however its techno-economic feasibility would have to be
explored, as hydrogen would no longer be delivered to the calciner in a
steam mixture at 950 °C, alongside the additional indirect heat transfer
from the calciner heat jacket, so an increased level of hydrogen fuel may
be required to reach the required temperatures for calcination, which
could compromise the potential commercial viability of such a system.

Although the L-DAC does not require farmland and can occupy
relatively little space and allow for more flexible sites compared to the
land use of bioenergy with carbon capture and storage technology, land
use is still an important subsequent factor that determines the deploy-
ment and installation of DAC technology. Table 11 lists data on the total
land areas required for L-DAC system combined with different renew-
able energy sources [64]. It is significant that the renewable energy
sources would largely increase the total land use of L-DAC. Additional
environmental impacts associated with this aspect should be involved
for a comprehensive assessment. Other suggestions on the land choices
indicate that L-DAC could be situated on marginal land or near the
location of CO; sequestration to save the cost for CO, pipelines.

Table 11 provides useful information on the size of possible renew-
able energy used for L-DAC, but it lacks details on the scale of renewable
energy-based electrolyser needed for hydrogen production. In this study,
a capacity factor of 80 % is assumed to run the SOFC, accordingly,

Table 11
Land areas of L-DAC combined with different energy sources [64].

Combinations (based on 1Mt CO,/year capture ~ DAC plant Energy source
capacity) area (km?) area (km?)
L-DAC powered by natural gas with carbon 0.4 0.4

capture and storage
L-DAC powered by natural gas with carbon 0.4 7.1

capture and storage and photovoltaic
L-DAC powered by natural gas with carbon 0.4 1.5

capture and storage and geothermal
L-DAC powered by natural gas with carbon 0.4 13.6

capture and storage and wind
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24,876 tonne of hydrogen is needed per year to achieve 80 % of the
SOFC’s output. This amount of hydrogen corresponds to a continuous
and unremitting production of hydrogen at a rate of 237.8 Nm®/h
throughout the year, equivalent to a 100 MW electrolyser. It undoubt-
edly poses challenges about supplying constant renewable electricity to
such electrolysers. The possible size and production rate has been re-
ported, showing that 1.5 MW wind power plant could produce hydrogen
at 11,963 kg/year while 2.0 MW solar PV plant could produce 94,432 kg
hydrogen per year [65]. These figures highlight the needs to accelerate
scaling up the electrolyser using renewable electricity.

To estimate the potential shortfall in supply of hydrogen to SOFC, an
assumption about the capacity factor ranging from 20 % to 80 % is
made, representing different availabilities to supply renewable re-
sources. Fig. 7 illustrates the results of LCOA and LOCE under these
scenarios. It shows that lower supply of renewable energy for hydrogen
production, i.e., lower capacity factor, leads to increased costs, which is
related to significant rises in fuel costs. Considering that only about 4 %
of global hydrogen is produced currently via electrolysis [66], the
development of electrolysis technology itself is urgent and critical.
Meanwhile hydrogen serves as an energy carrier can facilitate expansion
and stable operation of renewable electricity. Although there are mul-
tiple challenges existing in the fields of hydrogen storage, trans-
portation, water requirement, and renewable electricity prices, etc., the
momentum towards hydrogen production using renewable energy is
irresistible.

5. Conclusion

This study aims to establish the technical and economic feasibility of
a hydrogen fed solid oxide fuel cells (SOFCs) integrated with a liquid
direct air capture (L-DAC) system, whereby the hydrogen is produced
through electrolysis using renewable energy sources. Implications
observed in the study are summarised: (1) while the model demonstrates
the technical feasibility of the system, the levelised cost of capture in
particular renders the proposed system using current pricing commer-
cially infeasible; (2) when considering the current prices of carbon and
electricity in the UK sit at approximately £44/tCO, and £120/MWhg;
respectively, the levelised costs of both carbon capture and electricity
are far too high to be economically viable or attractive to company as a
carbon offsetting option; (3) the sensitivity analysis revealed that the
price of hydrogen is the most influential factor in the unusually high
levelised costs, aside from the unavoidable DAC capital expenditure;
however, even when minimising hydrogen prices to the lowest feasible
price of £1/kg using the current economic model, the levelised cost of
capture of £314/tCO4 remains too high to be economically competitive,
considering that alternative natural gas fed L-DAC options can reach
levelised costs of capture comfortably below £130/tCO5; and (4) a
possible 2050 cost scenario predicts a levelised cost of capture of £191/
tCOy, which is comparable with commercial estimates for natural gas
fed L-DAC (£123-304/tC0O3). This study presents limitations as the
proposed system is essentially ‘future-proof’ by adjusting the economic
models, equipment and fuel of natural gas fuelled DAC systems. It is
concluded that with anticipated future cost reductions for hydrogen, L-
DAC and SOFCs, it is feasible that in 25 years, the system proposed could
provide an economically competitive form of DAC. The future work
based on the proposed model could concentrate on the testing of a lab-
scale model and determining the inefficiencies of heat transfer to the
calciner from the SOFCs. A comprehensive assessment of renewable-
powered hydrogen production is also needed to address the challenges
in hydrogen storage and transportation, renewable electricity supply
and prices, etc.
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