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A B S T R A C T   

H2 is an important feedstock for many industrial processes and could be used as an energy carrier in a low carbon 
economy. This means that carbon neutral methods for H2 production are of vital importance. Chemical looping 
allows for H2 production with inherent carbon separation, making it an ideal system to produce low carbon H2. 
This work generates insights into the production of high purity H2 using a chemical looping packed bed reactor 
system containing an oxygen carrier of variable oxygen non-stoichiometry. Such a system has been shown to 
achieve 95% conversion of H2O to H2 at 1073 K outperforming the maximum theoretical conversions of 50% 
achieved by a conventional water gas shift reactor at that temperature. A numerical model was developed from 
theoretical consideration, with no fitted parameters and used to simulate the working reactor. 

Operando measurement of gas conversions and changes in solid oxygen capacity, through synchrotron X-ray 
diffraction, were used to validate the numerical model and confirmed that the reaction was thermodynamically 
limited. The model the model was shown to reproduce the conversion of the oxygen carrier, the reactant con
version and the product evolution. 

Sensitivity analysis showed that the relationship between the oxygen carrier material oxygen content and the 
chemical potential of oxygen in the carrier was the key consideration for the design and operation of a packed 
bed chemical looping reactor using an oxygen carrier of variable non-stoichiometry.   

Nomenclature  
Symbol Description Units 

A Empirical constant Å K− 2 

B Empirical constant Å K− 1 

C Empirical constant Å 
DaxCO  The axial diffusivity of CO in Ar for the packed bed m2 s− 1 

DaxCO2  The axial diffusivity of CO2 in Ar for the packed bed m2 s− 1 

DaxH2  The axial diffusivity of H2 in Ar for the packed bed m2 s− 1 

DaxH2O  The axial diffusivity of H2O in Ar for the packed bed m2 s− 1 

DAr,i  The axial diffusivity of i in Ar m2 s− 1 

Kc  Equilibrium constant for oxidation of CO to CO2 by ½O2 – 
KFe  Equilibrium constant for Eq. (17) – 
KH  Equilibrium constant for reduction of H2O to H2 producing 

½O2 

– 

Kox  Equilibrium constant for Eq. (18) – 
L Length of the reactor m 

(continued on next column)  

(continued ) 

Symbol Description Units 

Pe Peclet number – 
PO2  Partial pressure of O2 bar 
T Temperature K 
U Superficial velocity m s− 1 

a  Unit cell parameter Å 
dtube Reactor diameter m 
rCO  Rate of consumption of CO mol m− 3 

s− 1 

rH2O  Rate of consumption of H2O mol m− 3 

s− 1 

t Time s 
u Molar flux during the reduction half cycle mol m− 2 

s− 1 

v Molar flux during the oxidation half cycle mol m− 2 

s− 1 

(continued on next page) 
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(continued ) 

Symbol Description Units 

x Extent of substitution of La by Sr mol mol− 1 

yi Mole fraction of species i mol mol− 1 

yc Total mole fraction of carbon containing gases mol mol− 1 

yH Total mole fraction of hydrogen containing gases mol mol− 1 

z Distance down the reactor m 
δ Oxygen non-stoichiometry of perovskite mol mol− 1 

ε Voidage of the bed – 
νi  Diffusion volume of species i – 
ρ̂g  Molar density of the gas phase mol m− 3 

ρ̂s  Molar density of the solid phase mol m− 3  

1. Introduction 

H2 is an important feed stock for many industrial processes as well as a 
potential energy carrier for transportation [1]. Approximately 60 million 
tonnes of H2 is produced annually, the majority of which is derived from 
fossil fuel using processes such as steam methane reforming, cracking of 
hydrocarbons and gasification of coal followed by water gas shift reactions 
[2]. The product stream from these processes normally consists of a 
mixture of H2 and carbon-containing species, mostly CO2, and requires 
further separation before use [3,4]. 

Conventional water gas shift reactors are a mature, efficient and well 
developed technology and can achieve high conversion of H2 but require 
low temperatures (~473 K) where the thermodynamics allow for higher 
conversion, but the kinetics are less favourable. This requires large 
catalytic reactors, highly optimised catalysts and, for H2 production 
from methane reforming, requires the gas stream to be cooled from 
around 1073 K. Additionally, if pure H2 via carbon capture, is required 
then expensive and energy-intensive separation processes such as pres
sure swing adsorption are needed. 

In comparison chemical looping systems allow for H2 production 
with inherent separation of the product gases by splitting the relevant 
homogeneous redox reaction into two or more heterogeneous reactions 
through the use of a solid oxygen carrier material (OCM) [5–9]. For 
example, the water–gas shift reaction Eq. (1), which is exploited in the 
conventional H2 production process, can be implemented in chemical 
looping mode as follows. The OCM (here exemplified by the perovskite 
modelled in this work, La0.6Sr0.4FeO3-δ) first reacts with CO Eq. (2) and is 
subsequently re-oxidised by H2O to produce H2 Eq. (3), so that the 
carbon-containing gases are never in contact with the H2O and/or H2 
and the need for separation is eliminated.  

CO + H2O ⇌ CO2 + H2                                                                  (1)  

m CO + La0.6Sr0.4FeO3-δ → m CO2 + La0.6Sr0.4FeO3-δ-m                       (2)  

m H2O + La0.6Sr0.4FeO3-δ-m → m H2 + La0.6Sr0.4FeO3-δ                        (3) 

The inherent separation of the gas reactants can be carried out 
spatially by moving the OCM between different fluidised bed reactors, 
which are continuously fed with the appropriate gas, allowing for 
continuous production of the products [10,11]. Fan details the com
plexities in the design and operation of such a system, which requires 
solid transport and gas locks to avoid contamination in the reactors [12]. 

Alternatively, the reactions can be separated temporally, with a packed 
bed being fed alternately with the reducing and oxidising gases [13,14]. To 
continuously produce H2 using this method, at least two packed bed re
actors must be employed. The design of packed bed systems requires less 
solid processing equipment but high temperature switching valves are 
required for the gas streams. Previous work has shown that chemical 
looping H2 production in such systems using oxides with variable non- 
stoichiometry can produce high purity H2 and CO2 (H2:H2O and CO: 
CO2 > 19:1 at the reactor outlets, on a molar basis) at temperatures around 
1100 K [15]. This is in contrast to the homogeneous water–gas shift re
action scheme which is limited by the gas-phase equilibrium (the 

equilibrium constant for Eq. (1) at 1100 K is close to unity [16]) or indeed a 
chemical looping process exploiting a single phase transition in a metal
–metal oxide system. To achieve this, the system must operate in a counter- 
current packed bed. A schematic showing the different steps the reactor 
passes through is shown in Fig. 1. The oxidising and reducing gases must 
flow in opposite directions inside the reactor, so that the conversion to the 
products can be maximised. More importantly, the process in ref. [15] 
exploits non-stoichiometric oxides, the oxygen content of which varies 
continuously with the oxygen chemical potential. The non-stoichiometric 
OCM, La0.6Sr0.4FeO3-δ, was chosen for its stability over a wide range of 
partial pressures of oxygen, PO2 , and the fact that the dependence of the 
oxygen non-stoichiometry, δ, on PO2 for this material is well documented 
[17–19]. Additionally the relationship between unit cell parameter and 
oxygen content has been studied in detail [20]. This means that when 
operando synchrotron powder X-ray diffraction is performed on a working 
reactor, the oxygen content of the carrier as a function of time can be 
determined. 

The dependence of oxygen content of such non-stoichiometric oxides 
on the oxygen chemical potential, while useful in practice, significantly 
complicates the numerical modelling of such a reactor. Packed bed 
systems using conventional oxygen carriers which undergo set phase 
changes (e.g. nickel or iron and their oxides) are commonly modelled 
with a reaction wave propagating through the bed along with the phase 
change [21–23]. In this system, however, there are no phase transitions 
at fixed oxygen chemical potentials accompanying the gas–solid reac
tion. Thus, a different approach is needed to represent the reactor. 

In this work, a numerical model for chemical-looping H₂ production 
using the non-stoichiometric oxide La0.6Sr0.4FeO3-δ in a packed bed 
reactor was developed from first principles and model results were 
validated against the corresponding experiments. Sensitivity analysis 
was carried out to assess the influence of key design parameters on a 
working reactor such as operating conditions, inlet conditions and the 
relationship between the OCM’s oxygen content and equivalent oxygen 
partial pressure on the purity of products obtained and overall conver
sion of reactants. This information will be of crucial importance in the 
scale up of reactor design. 

2. Materials and methods 

2.1. Material synthesis 

La0.6Sr0.4FeO3-δ was synthesised using the Pechini method [24] 
detailed by de Leeuwe et al [20]. 

Fig.1. A schematic of how a single chemical looping reactor bed using a non- 
stoichiometric oxide produces high purity H2. 
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2.2. Flow system 

The experimental set up used to test the validity of the numerical 
model was detailed by Metcalfe et al. [15] 

Studies were carried out using a horizontal reactor with an internal 
diameter (dtube) of 7 mm, the first of which involved the cycling of 
La0.6Sr0.4FeO3–δ 1100 times at 1093 K with alternating feeds of pre
heated 5% CO and 5% H2O, both in a balance of Ar, each having a 
flowrate of 50 ml min− 1 (measured at standard temperature and pres
sure, STP) lasting for 1 min, in order to determine the long-term stability 
of the material. Experiments consisting of 30 redox cycles were also 
performed at temperatures between 993 K and 1193 K in the same 
reactor to determine the response of the system to temperature. 

To further validate the model, a system of redox buffer gases, (2.5 ±
0.125 mol% CO2 with 2.5 ± 0.125 mol% CO and 0.5 ± 0.025 mol% 
CO2 with 5 ± 0.25 mol% CO in a balance of Ar) was used to reduce and 
oxidise a working reactor bed, such that the thermodynamics of the 
system were well defined at every point in the reactor. This was per
formed in a vertical packed bed with a dtube of 4 mm in conjunction with 
operando synchrotron X-ray diffraction, described in detail in the next 
section. 

Regardless of reactors and operating conditions used, one complete 
redox cycle contained six segments: feed the reducing gas of 5% CO, or 
5% CO and 0.5% CO2, in the “forward” direction; purge the reactor with 
Ar, also in the “forward” direction; switch the Ar flow to “backward” 
direction; feed the oxidising gas of 5% H2O, or 2.5% CO and 2.5% CO2, 
in the “backward” direction; purge with Ar in the “backward” direction 
and finally purge with Ar in the “forward” direction. The compositions 
of the reactive gases have an uncertainties less than 5% of the quoted 
values in each case. The outlet gas compositions were analysed using a 
quadrupole mass spectrometer (Hiden, QGA). The complete methodol
ogy used for gas phase calculations was detailed in the SI of de Leeuwe et 
al.[20] 

2.3. Operando XRD 

Operando synchrotron powder X-ray diffraction (SXRD) was con
ducted on a working reactor bed using beamline ID22 at the European 
Synchrotron Research Facility (ESRF, experiment numbers MA2914, 
MA3410 and MA4239) in transmission geometry with an X-ray energy 
of ~ 35 keV and a spot size of approximately 1 mm × 1 mm. A nine 
crystal multi-analyser stage [25] was used for fast data acquisition in the 
2θ range of 1 to 19.2◦. The scan time varied between 7 and 31 s, cor
responding to scan rates between 30 and 12 degrees per minute. SXRD 
data were collected from 16 locations uniformly distributed along the 
bed, 11.3 mm apart. 

The system was operated in a vertical orientation with a furnace set 
point of 1093 K for operando X-ray diffraction studies. 2.2 g of 
La0.6Sr0.4FeO3-δ in the size fraction 80–160 μm and 0.4 g Y2O3 powder 
sieved to less than 40 μm was packed into a quartz reactor with an dtube 
of 4 mm, resulting in a bed height of 170 mm. The gases were all 
regulated at 50 ml min− 1 STP and the system was operated at 2 bar 
absolute. 

The inert nature of Y2O3 in the range of PO2 studied here [26], together 
with its Bragg peaks not coinciding with major peaks from La0.6Sr0.4FeO3-δ, 
makes it useful as an internal standard to infer the temperature of the 
reactor. The temperature was obtained using empirical equations linking 
unit cell parameter to temperature [26,27]. 

The temperature measurement from the fitting of the Y2O3 peaks was 
based on cell parameter data published in Refs. [26,27] using the 
expression: 

T =

(
− B +

(
B2 − 4 × A

(
C − aY2O3

) )0.5
)

2A
(4) 

A = 1.29340 × 10− 8 Å K− 2 

B = 6.46011 × 10− 5 Å K− 1 

C = 10.58733218 Å 
where A, B and C are empirical constants, T is the temperature in 

kelvin of the sample and aY2O3 is the unit cell parameter of Y2O3. 
Previous work using La0.6Sr0.4FeO3-δ [20] has linked the unit cell 

parameter of the material to its temperature and oxygen content. By 
applying this methodology, it is possible for the oxygen non-stoichiometry, 
δ, of the material to be linked to the unit cell parameter in this PO2 range 
and therefore compared to the results of the reactor model. 

2.4. Rietveld strategy 

Rietveld fitting of the diffraction results was performed using TOPAS 
v6 (Bruker AXS, Germany)[28,29] using the space group Pm3m. The 
unit cell parameter, isotropic temperature factors and a sample strain 
contribution to the peak shape were refined. The atomic occupancies of 
La, Sr and Fe were kept constant at 0.6, 0.4 and 1.0, respectively. 

3. Model development 

The packed bed reactors for H2 production were modelled under 
isothermal and isobaric conditions with no fitted parameters. The 
pressure drop across the bed was sufficiently small (0.01 bar) that it can 
be neglected, while the assumption of isothermal conditions was 
examined in more details in this work. It was further assumed that the 
gas–solid reactions Eqs. (2 and 3) are limited by thermodynamics rather 
than chemical kinetics or mass transfer processes. Gas flow through the 
reactor was modelled as plug flow with or without axial dispersion. Side 
reactions that could lead to carbon deposition were neglected since 
preliminary investigations showed no carbon deposition in the system 
(CO or CO2 in the gas stream during the H2 production half cycle was 
below the detection limit of a mole fraction of 10− 4). The geometry of 
the reactor and the reactant flowrates used in the numerical model were 
based on the corresponding experimental set up described in the 
experimental section. The thermodynamic data relevant to the system 
were taken from Kuhn et al. [17]. A full description of the models 
employed can be found in the SI Sections 1 and 2. 

3.1. Modelling the reactor system behaviour 

The governing equations for the reduction and oxidation of the solid, 
i.e. Eqs. (2 and 3), in the packed bed can be written as: 

− rCO = u
∂yCO

∂z
+ ερ̂g

∂yCO

∂t
− ερ̂gDaxCO

∂2yCO

∂z2 (5)  

− rH2O = v
∂yH2O

∂z
+ ερ̂g

∂yH2O

∂t
− ερ̂gDaxH2O

∂2yH2O

∂z2 (6)  

rCO2 = u
∂yCO2

∂z
+ ερ̂g

∂yCO2

∂t
− ερ̂gDaxCO2

∂2yCO2

∂z2 (7)  

rH2 = v
∂yH2

∂z
+ ερ̂g

∂yH2

∂t
− ερ̂gDaxH2

∂2yH2

∂z2 (8) 

rCO, rCO2 , rH2 and rH2O are the reaction rates of CO, CO2, H2 and H2O 
respectively (mol m− 3 s− 1); u and v are the molar fluxes of the gas 
streams (mol m− 2 s− 1); yCO, yH2 , yCO2 and yH2O are the mole fractions of 
CO, H2 CO2 and H2O in the gas streams (-); ρ̂g is the molar density of the 
gas phase (mol m− 3); ε is the voidage of the bed (-);z is the axial position 
along the packed bed (m) and t is the time (s), Daxi is the axial dispersion 
coefficient of species i in Ar in a packed bed, where i is CO, CO2, H2O or 
H2. These were determined using correlations given by Levenspiel [30] 
Eq. (9). 

Daxi = DAr,i +
U2 × dtube

2

192DAr,i
(9) 
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DAr,i is the diffusion coefficient of species i in Ar, U is the superficial 
velocity of the gas and dtube is the internal diameter of the reactor. The 
choice of the correct correlation requires knowledge of the geometry of 
the reactor and the physical properties of the fluid. The viscosity of the 
fluid was assumed to be that of Ar at 1093 K and 2 bar absolute pressure 
[31] and the relevant diffusion coefficients were estimated from the 
interaction between Ar and the gas of interest, using the relationship 
developed by Fuller et al.[32] shown in Eq. (10). 

DAr,i =

1 × 10− 8 × T1.75 ×

(
1

MAr
+ 1

Mi

)0.5

P × (νAr
1/3 + νi

1/3)
2 (10) 

where M is the molar mass of the gas and νi is the diffusion volume of 
the gas. 

As the rates of oxygen exchange for similar perovskites are relatively 
high [33], it was assumed that chemical kinetics are fast and the reaction 
is thermodynamically limited. This means that the oxygen balance of the 
solid phase can be linked to the gas phase reaction rates as follows (full 
details available in sections 1 and 2 of the SI), 

rCO = − rCO2 = (1 − ε)ρ̂s
∂δ
∂t

(11)  

rH2O = − rH2 = − (1 − ε)ρ̂s
∂δ
∂t

(12) 

where ρ̂s is the molar density of the solid phase (mol m− 3). 
Furthermore, using the assumption that gas–solid equilibrium is ach
ieved at any location, it can be shown that, 

∂δ
∂t

=
dδ

dP*
O2

(∂P*
O2

∂yCO

∂yCO

∂t
+

δP*
O2

∂yCO2

∂yCO2

∂t

)

=
dδ

dP*
O2

(

−
2

KC
2

(
yCO2

2

yCO
3

)
∂yCO

∂t
+

2
KC

2

(
yCO2

yCO
2

)
∂yCO2

∂t

)

(13) 

where Kc is the equilibrium constant for the oxidation of CO to CO2 

Eq. (14) and P*
O2 

is the partial pressure of oxygen (PO2 ) that would be in 
equilibrium with the solid phase at the given temperature and δ.  

CO + 0.5O2 ⇌ CO2                                                                       (14) 

Combining Eqs. (5, 7, 11 and 13), it is possible to obtain the gov
erning equations during the reduction of the OCM.     

3.2. Modelling the material behaviour 

Solving Eqs. (15) and (16) requires the relationship between P*
O2 

and 
the solid phase oxygen content to be defined, in order to determine dδ

dP*
O2

. 

This can be done through a defect chemistry model describing the 
following reactions.[17,18] 

2Fe3+⇌Fe4+ +Fe2+ (17)  

2Fe3+ + 0.5O2 + vacancysite⇌2Fe4+ +O2− (18) 

The model used to define the thermodynamics of the OCM are also 
described in SI Section 1. Values of KFeand Kox (equilibrium constants 
associated with the disproportionation reaction and oxidation of Fe3+

ions in the perovskite, respectively) are taken from Mizusaki et al [18] 
since they agree best with independent experimental measurements 
[20] in the δ range relevant to this work (0.19 < δ < 0.23) . 

The defect chemistry model was approximated by a 5th degree 
polynomial at the given reactor temperature to reduce the computa
tional cost (the equation for the fit at 1093 K is given in Eq. (19) and a 
comparison of the fit to measured values can be found in SI section 1). 
This polynomial can then be differentiated to give dδ

dP*
O2

. 

∂yCO

∂t
=

u ∂yCO
∂z − ερ̂gDaxCO

∂2yCO
∂z2 + (1 − ε)ρ̂s

dδ
dP*

O2

2
KC

2
yCO2
yCO2

⎛

⎜
⎜
⎜
⎜
⎜
⎜
⎜
⎜
⎜
⎜
⎜
⎜
⎜
⎜
⎜
⎝

u
∂yCO2

∂z − ε̂ρgDaxCO2
∂2 yCO2

∂z2 +(1− ε)̂ρs
dδ

dP*
O2

2
KC 2

yCO2
2

yCO3

u
∂yCO

∂z − ε̂ρg DaxCO
∂2 yCO

∂z2

(1− ε)̂ρs
dδ

dP*
O2

(

2
KC 2

(
yCO2

2

yCO3

))

− ε̂ ρg

(1− ε)̂ρs
dδ

dP*
O2

⎛

⎜
⎜
⎜
⎜
⎝

2
Kc

2 yCO2
yCO

⎛

⎜
⎜
⎜
⎜
⎝

1
yCO

−
yCO2
yCO2

(1− ε)̂ρs
dδ

dP*
O2

2
Kc2

yCO2
yCO2

(

(1− ε)̂ρs
dδ

dP*
O2

(

2
KC 2

(
yCO2

2

yCO 3

))

− ε̂ρg

)

⎞

⎟
⎟
⎟
⎟
⎠

⎞

⎟
⎟
⎟
⎟
⎠

− ε̂ρg

⎞

⎟
⎟
⎟
⎟
⎟
⎟
⎟
⎟
⎟
⎟
⎟
⎟
⎟
⎟
⎟
⎠

(

(1 − ε)ρ̂s
dδ

dP*
O2

(
2

KC
2

(
yCO2

2

yCO3

))

− ερ̂g

) (16)   

∂yCO2

∂t
=

u ∂yCO2
∂z − ερ̂gDaxCO2

∂2yCO2
∂z2 + (1 − ε)ρ̂s

dδ
dP*

O2

2
KC

2
yCO2

2

yCO 3

u ∂yCO
∂z − ε̂ρgDaxCO

∂2 yCO
∂z2

(1− ε)̂ρs
dδ

dP*
O2

(

2
KC 2

(
yCO2

2

yCO3

))

− ε̂ρg

(1 − ε)ρ̂s
dδ

dP*
O2

⎛

⎜
⎜
⎜
⎜
⎝

2
KC

2
yCO2
yCO

⎛

⎜
⎜
⎜
⎜
⎝

1
yCO

−
yCO2
yCO 2

(1− ε)̂ρs
dδ

dP*
O2

2
Kc2

yCO2
yCO2

(

(1− ε)̂ρs
dδ

dP*
O2

(

2
KC 2

(
yCO2

2

yCO3

))

− ε̂ρg

)

⎞

⎟
⎟
⎟
⎟
⎠

⎞

⎟
⎟
⎟
⎟
⎠

− ερ̂g

(15)   
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δ
(log10P*

O2

10

)

= − 3.89761831 × 10− 2 ×

(log10P*
O2

10

)5

− 0.235225805

×

(log10P*
O2

10

)4

− 0.591012724

×

(log10P*
O2

10

)3

− 0.782344918

×

(log10P*
O2

10

)2

− 0.551282238 ×

(log10P*
O2

10

)

+ 3.45065388

× 10− 2

(19) 

The approximation was made over a wider range of 0.186 < δ < 0.3 
for each temperature studied, the value of R2 for each fit was>0.9999. 

Due to the symmetry of the reduction and oxidation half cycles, the 
governing equations of the oxidation half cycle resulting from Eqs. (6, 8 
and 12) are similar to Eqs. (15 and 16), with u replaced with v, yCO with 
yH2 , yCO2 withyH2O, and Kc replaced with 1/KH, where KH is the equi
librium constant for the dissociation of H2O,  

H2O ⇌ H2 + 0.5O2                                                                       (20) 

and with the diffusivities of gases also changed accordingly. 

3.3. Simulation conditions and numerical solution 

The initial condition of each half cycle was defined so that the PO2 for 
the gas remaining from the purge in the reactor at the start of each half 
cycle was the same as that at the end of the preceding half cycle (such 
that the gas is in equilibrium with the solid at the beginning of each half 
cycle. Confirmation of this assumption can be found in SI Section 3). For 
the first half cycle the OCM was assumed to be in equilibrium withPO2 =

9.38 × 10− 8 bar (this PO2 is equivalent to that of H2O at 1093 K, 
assuming the dissociation of H2O is at equilibrium). The boundary 
conditions used were those recommended by Patankar [34]. This states 
that for a suitably high Peclet number Eq. (21), local one-way behaviour 
exists at the outflow boundary meaning that diffusion back into the 
reactor does not occur at the outlet. 

Pe =
dtubeU

Dax
(21) 

For each half cycle the governing equation was transformed into a 
system of ordinary differential equations using the method of lines by 
discretisation along the length of the reactor with a backwards differ
ence scheme. The resulting system of ordinary differential equations was 
solved with ode45 in MATLAB.[35] 

The oxidation and the reduction half-cycles were solved sequentially 
until the system reached steady cyclic operation, where the maximum 
difference in P*

O2 
at any location in the packed bed in successive cycles 

during the inert purge was less than 0.001%. This was typically achieved 
after 5 to 15 cycles. Inert purge periods were not modelled explicitly 
here; it was assumed that the state of the solid did not change during 
these periods (sample calculations demonstrating the appropriateness of 
this can be found in SI Section 3). 

3.4. Reactor model without axial dispersion 

A simplified model with a further assumption of no axial dispersion 
in the reactor was also implemented to compare the results with the 
model above. This assumption changed the governing equations to, 

(1 − ε)ρ̂s
dδ

dP*
O2

(

−
2

Kc
2

yc

yCO
2

(
yc

yCO
− 1
))

∂yCO

∂t
= u

∂yCO

∂z
+ ερ̂g

∂yCO

∂t
(22) 

and 

(1 − ε)ρ̂s
dδ

dP*
O2

(

2KH
2yH2O

yH

)
∂yH2O

∂t
= u

∂yH2O

∂z
+ ερ̂g

∂yH2O

∂t
. (23) 

Without axial dispersion, the carbon and hydrogen balance 
yCO2 +yCO = yc and yH2 + yH2O = yHare constant at any given location and 
time. This fact, together with the lack of the dispersion terms in the 
governing equations, reduced the computational time of the model 
significantly. 

3.5. Gas mixing outside the reactor 

In addition, to account for gas mixing in the flow system downstream 
of the reactor, calibration gases (5% of H2, H2O, CO and CO2 balanced in 
Ar, respectively) were fed to the flow system (bypassing the reactor) for 
a fixed period of time (approximately 30 min) to obtain the response of 
the system to a ‘Top-hat’ input. The impulse responses for H2, H2O, CO 
and CO2 was estimated by de-convolving the input signal for each gas 
from the respective outputs using the method of conjugate gradients. 
The impulse responses were then convolved with the calculated outlet 
gas profiles to produce the final results. 

4. Results 

4.1. Stability of the OCM under cycling 

When used industrially, it is important that the OCM is stable over 
repeated cycles so that it does not need to be replaced frequently. 
Additionally, to validate the numerical model, it is important to ensure 
that the OCM does not degrade significantly during repeated cycling 
over the duration of each experiment (60 to 1000 cycles) – although it 
would be possible to model such degradation if it existed, by introducing 
an empirical decay parameter. 

In order to test the long-term stability of the OCM for the chemical- 
looping water–gas shift reaction, fresh La0.6Sr0.4FeO3-δ was subjected to 
1100 cycles of redox reactions with 5% CO and 5% H2O in the horizontal 
packed bed system following the protocol detailed in the experimental 
section. 

Fig. 2 shows how the conversions evolved with cycle number. The 
overall conversion of H2O increased from a very low initial value in 
Cycle 1 to a steady value of 92.39% in Cycle 25; this value remained 
constant within a standard error of 0.03% for the remainder of the 
experiment. In contrast, the CO was almost completely converted in the 
first few cycles of the experiment before reaching a steady-cycling value 
of 84.50% within a small number of cycles (Cycles 10–15). The differ
ence in the steady cycling conversion of CO and H2O was due to the 
slightly different flowrates of the H2O and CO used experimentally with 
the H2O feed having a molar flowrate 1.05 times that of the CO feed. 
Once this was taken into account, the oxygen balance in the gas streams 
closed to within 2%. 

The different initial conversions for CO and H2O are because the 
OCM was initially in equilibrium with air following its synthesis, so that 
in the first few cycles CO could be fully converted to CO2 due to the high 
oxidising potential of the solid but the subsequent H2O stream does not 
return the OCM to that more oxidised state. As more of the OCM in the 
reactor was gradually reduced to a PO2 that is suitable for H2 production 
(10-23 to 10-8 bar), the conversion of H2O to H2 gradually increased. 
Once the bed no longer contains any OCM with oxygen potentials above 
that of the H2O stream the CO conversion drops to match that of the 
H2O; here this process took 50 cycles. 

A linear regression on conversion against cycle number over the 
steady cycling regime showed a gradient that was less than the standard 
error from the regression, suggesting that there was no measurable 
change in conversion over cycling. 

The changes in outlet gas composition as the bed approached steady 
cycling can be seen in Fig. 3A-3D. Here reduction refers to bed reduction 
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as CO is flowed and oxidation to bed oxidation as H2O is flowed. Once 
steady cycling had occurred (Fig. 3E and F) the reduction half cycle, 
consisting of 5 mol% CO fed to the reactor, started with almost 100% 
conversion for the first 40 s before dropping gradually to a final value of 
50% at 60 s. The oxidation half cycle, consisting of 5 mol% H2O fed to 
the reactor, followed the same pattern, with almost pure H₂ production 
before a small amount of H2O broke through. Comparing Fig. 3E and F, it 
can be seen that the outlet gas profile recorded during steady cycling is 
almost indistinguishable over multiple cycles. 

Samples of the OCM were taken and examined by SEM and XRD to 
investigate if any significant structural changes and/or phase segrega
tion had occurred. These showed minimal changes to both crystal 
structure and appearance of the sample. These results can be found in SI 
Section 4. 

These results show that a chemical-looping water–gas shift reactor 
using La0.6Sr0.4FeO3–δ can perform at very high gas phase conversions 
(84.5% for H2O and 92.4% for CO) for multiple cycles with inherent CO2 
separation. The repeated cycling of the material between oxidised and 

Fig. 2. Conversion versus cycle number for 1100 cycles⋅H2O (green triangles) and CO (blue dots) conversion as a function of cycle number with 60 s feeds of 5 mol% 
CO and 5 mol% H2O. The horizontal bed consisted of 2.79 g of 80–160 μm La0.6Sr0.4FeO3-δ and a nominal molar feed rate of 3.4 × 10-5 mol s− 1. (For interpretation of 
the references to colour in this figure legend, the reader is referred to the web version of this article.) 

Fig. 3. Outlet composition versus time from the long-term stability experiment. Six oxidation and reduction cycles indicating the evolution of the bed into a steady- 
cycling regime; The uncertainty in the measured mole fraction was less than ± 100 ppm. 
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reduced states does not seem to have a measurable effect on the struc
ture of the OCM. 

There is also no evidence of carbon deposition in the reactor during 
the reaction. The cumulative amount of carbon measured in the outlet 
gases during the reduction half cycle (9.9 ± 0.3× 10− 5 mol)) was within 
the uncertainty of that entering the reactor (10.2 ± 0.5× 10− 5 mol). 
This is further confirmed by the absence of carbon containing species 
(either CO or CO2) during the oxidation half cycle. 

4.2. Temperature profile within the reactor 

The validity of the assumption of an isothermal reactor was tested by 
operando SXRD experiments through the Rietveld fitting of the Y2O3 
present in a packed bed of 2.2 g of La0.6Sr0.4FeO3–δ in the size fraction 
80–160 μm and 0.4 g Y2O3 powder sieved to less than 40 μm packed into 
a quartz reactor with an inner diameter of 4 mm. This resulted in a bed 
height of 170 mm that was cycled between different oxidising and 
reducing gases. 

As seen from Fig. 4A, a temperature difference of approximately 16 K 
was measured across the reactor under inert conditions. This is primarily 

Fig. 4. A (top), time averaged temperature, 
calculated using the Rietveld fitting of the Y2O3, as 
a function of position in the vertical reactor with 
no reaction. B (middle), the difference between the 
time-averaged (70 data points) temperature mea
surement during cycling between 5% CO and 5% 
H2O in Ar (yellow triangles) and between 1:10 and 
1:1 CO2:CO buffer gas feeds (grey circles) and with 
no reaction (seen in A). C (bottom), temperature of 
the ends of the reactor as a function of time over a 
cycle of 1-minute feeds of 5% CO and 5% H2O in 
Ar. Oxidation and reduction periods have been 
marked. The error bars shown in 3A and 3B are the 
standard error based the average of 70 measure
ments at the same location, whereas the error bars 
in 3C are estimated standard error from individual 
Rietveld fitting. (For interpretation of the refer
ences to colour in this figure legend, the reader is 
referred to the web version of this article.)   
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due to the degree of insulating material of the furnace along the length of 
the reactor to enable operando SXRD measurements. A fully insulated 
furnace would produce a much smaller temperature gradient and if it 
was oriented horizontally the temperature profile would be symmetrical 
about the middle of the furnace. Fig. 4B shows the change in the tem
perature of the solids during cyclic operation compared to under inert 
conditions. When CO/CO2 buffer gases were used, no significant tem
perature change was observed. This is due to the enthalpy change for the 
reduction of La0.6Sr0.4FeO3-δ (Eq. (2), reproduced here) being within two 
standard deviations of zero when δ > 0.2 (literature values vary between 
(-72 ± 61)m and (5 ± 9)m kJ mol− 1 for δ > 0.2)[17–19,36]. 

m CO + La0.6Sr0.4FeO3-δ → m CO2 + La0.6Sr0.4FeO3-δ-m 
On the other hand, when 5% H2O was used, the top end of reactor 

(the H2O inlet) increased in temperature due to the exothermic nature of 
the oxidation of La0.6Sr0.4FeO3-δ by H2O Eq. (3), found to be between 
(-107 ± 61)m and (-50 ± 9)m kJ mol− 1 for δ > 0.2 [17–19,36]. 

m H2O + La0.6Sr0.4FeO3-δ-m → m H2 + La0.6Sr0.4FeO3-δ 
Interestingly, during each cycle there is no significant temporal change 

in temperature once steady cycling is achieved, as seen in Fig. 4C. Fre
quency analysis carried out on the temperature data to determine the 

presence of periodic oscillation showed that the data was dominated by 
the frequency of the temperature measurement. This indicates that the gas 
change has a much smaller effect on the temperature than random errors 
in the temperature measurement. The preheating of the gas stream carried 
out by the furnace prior to contact with the reactive solid and the 
comparatively small magnitude of the enthalpy change of reaction mean 
that the heat losses during purges happen too slowly to be accurately 
measured given the uncertainty in the data. 

While the Rietveld fitting gives a relatively low uncertainty for any 
individual temperature measurement (~2.5 K), when the temperature 
from successive measurements at a given point in the reactor is averaged 
over a cycle (e.g. as is performed in Fig. 4A and 4B), the greater degree of 
scatter of data led to the standard deviation of the average temperature 
being 8.2 K. While relatively large, this is still less than 1% of the 
measured value and furnace set point. The large uncertainties associated 
with the average temperature measurement prevent an accurate tem
perature profile to be applied in the numerical model. The modelling 
error is constant and consistent across the investigated cycles due to the 
steady temperature profile. Hence, the isothermal assumption has been 
used in this work for simplicity. The effect of temperature on reactor 

Fig. 5. Measured (dots) and simulated with (dashed lines) and without dispersion (solid lines) outlet gas mole fractions versus time for a representative steady cycle 
using 5% CO in Ar and 5% H2O in Ar as the reactive gases. A and B show the comparison of experimental data, and the simulated results for the reduction half cycle 
and the oxidation half cycle, respectively. The uncertainty in the measured mole fraction was less than ± 100 ppm. 
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performance is explored later in this work using the horizontal reactor, 
where the temperature gradient across the reactor is smaller. 

4.3. Model validation 

4.3.1. Effect of axial dispersion 
To test the appropriateness of the simulation scheme, the bed studied 

in Fig. 4 was cycled between different oxidising and reducing gases. 
Fig. 5 shows the experimental and modelled outlet gas mole fraction 

as a function of time during steady cycling operation. It is clear from 
Fig. 5 that both numerical simulations, with or without axial dispersion, 
are in good agreement with experimental results. The inclusion of axial 
dispersion has limited impact on the reduction half cycle but leads to 
slightly better agreement with the measured mole fractions of H2O and 
H2 during the oxidation half cycle. This is due to H2 having a much 
higher axial dispersion coefficient than the other species. However, the 
dispersion model required approximately 20 times longer to compute 
than the model without axial dispersion, and the marginal improvement 
of the simulation results does not justify the increase in computational 
cost. Thus, the dispersion terms were omitted in subsequent work of this 
study. In systems with lower flowrates and a longer more tortuous path 
for the gas through the reactor it may become necessary to model the 
dispersion, as it would have a larger effect on the outlet gas composition. 

It is worth noting that the mole fractions of the products and re
actants measured here (and all other experiments from this study) 
deviated from plug flow behaviour (Pe numbers between 1.28 for H2 and 
6.53 for CO2). With suitably slow flows the effect of diffusion would 

increase, back flow of different species in the mixture would be more 
significant with the rise and drop in each gas being slower. However, as 
a practical reactor would not be operated in such a way the omission is 
justified. 

4.3.2. Effect of the response of the mass spectrometer 
In order to examine whether mixing in the flow system downstream 

of the reactor is responsible for the mismatch between simulated and 
measured results, the outlet gas conditions shown in Fig. 5 of the 
dispersion-free results were convolved with the impulse response of the 
same apparatus, for each gas species, including the mass spectrometer 
but with the reactor bypassed. The results are shown in Fig. 6. As ex
pected, convolution smooths and changes the shapes of the curves. For 
the CO half cycle this brings the simulated results closer to those 
measured experimentally, improving the shape of the increase of the 
mole fraction of gases at the beginning and middle of the cycle, however 
the decrease in CO2 mole fraction towards the end of the cycle deviates 
further from the measurements. The convolution added the tails to the 
model prediction, but the predicted rate of decay was still faster than 
that seen in the experiment. 

For the oxidation half cycle the addition of the convolution smoothed 
the initial increase in H2 mole fraction as well as adding the tails at the end 
of the cycle. However, the convolution failed to address the under pre
diction of the H2O content For the first 40 s of the oxidation half cycle. 

Overall, accounting for gas mixing using convolution did not improve 
the simulation results substantially. The deviations may be due to other 
factors such as the reactions being partly limited by reactions kinetics, 

Fig. 6. Outlet gas mole fractions as a 
function of time for a representative 
steady state cycle for a reverse-flow 
reactor being fed A) 5% CO in Ar and 
5% H2O in Ar or B) 5% CO with 0.5% 
CO2 and 2.5% CO with 2.5% CO2 with 
inert purge in-between. The bed was the 
same as used in the previous figures. The 
solid lines are the values predicted by the 
simulation of the bed convolved with the 
system’s impulse response, while the 
points are experimental measurements. 
The uncertainties in the measured mole 
fractions were less than ± 100 ppm.   
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dispersion of reactive gases before entering the reactor and/or interphase 
mass transfer resistances. However, the overall reactor behaviour is well 
captured by the model, and it is possible to use it for semi-quantitative 
analysis of the reactor system. 

4.3.3. Gas phase composition 
Using the model without axial dispersion, it is possible to predict the 

expected outlet gas concentrations as a function of time with reasonable 
accuracy. These are compared to experimental results to validate the 
assumption that the system is thermodynamically limited. As the activity 
of the OCM did not change over prolonged operation, the study focuses on 
the comparison between the simulated gas concentration profiles at the 
outlet of the reactor and those measured from a representative cycle once 
steady cycling was achieved. 

The measured outlet gas concentration profiles from the chemical- 
looping water–gas shift reaction, Fig. 7A, show that full conversion of 
CO to CO2 was achieved for most of the reduction half cycle (between t = 1 
and 2 min) and breakthrough of CO was seen approximately 10 s before 
the end of the half cycle. In contrast, during the oxidation half cycle 
(starting around t = 6.3 min) H2O was always present at low levels and no 
“breakthrough” was observed. Over the course of the half cycle, the H2 
mole fraction decreased steadily and the H2O content increased accord
ingly, so that the combined mole fraction of H2O and H2 averaged over a 
cycle remained constant at 0.05. 

When redox buffers were used as the reactive gases (CO2:CO ratio of 
1:10 for the reducing stream and 1:1 for the oxidising stream), the re
sults were qualitatively similar to the water–gas shift case. As shown in 
Fig. 7B, the reducing stream with CO2:CO = 1:10 was initially converted 
to a 1:1 ratio (i.e. “full” conversion to the same oxygen potential as the 
oxidising stream used) but over the cycle the conversion decreased with 
more CO passing through the reactor unreacted. In contrast, the oxi
dising stream was “fully” converted throughout the oxidising cycle: a 
stream of CO2:CO = 1:10 was obtained at the outlet, the same as the inlet 
condition of the reducing half cycle. The difference in the oxygen ca
pacity of the gas streams accounts for the oxidation and reduction half 
cycles behaving more asymmetrically than the water–gas shift case: a 
material balance shows that the reducing stream can accept twice as 
much oxygen as an oxidising stream (CO2:CO = 1:1) with the same 
flowrate is capable of donating. 

The simulated mole fraction profiles of the products and reactants as 
a function of time agree well with the experiments. For instance, the 
time at which the conversion of CO to CO2 started to decrease was 
closely captured by the model, as was how the outlet gas composition as 
a function of time changed with the replacement of the feeds with buffer 
gases. The times at which the conversion of CO or H2O start to decrease 
are key parameters for controlling a scaled-up reactor, so being able to 
accurately predict them using modelling will allow for easier plant 
design and operational control. 

Fig. 7. Outlet gas mole fractions versus time for a representative steady state cycle for a reverse-flow reactor being fed with A: 5% CO in Ar and 5% H2O in Ar or B: 
5% CO with 0.5% CO2 and 2.5% CO with 2.5% CO2. 
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Fig. 8. δ of the bed at 20 s increments simulated using a thermodynamically limited model for a 60 s feed of A) 5% CO in Ar, B) 5% H2O to a bed, C) 2.5% CO2 and 
2.5% CO in Ar or D) 5% CO2 and 0.5% CO in Ar that had reached steady cycling as measured using operando SXRD. An uncertainty of one standard deviation is 
plotted on the experimental data. 
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4.3.4. Variation of δ in the La0.6Sr0.4FeO3-δ bed 
The thermodynamic model also predicts the spatiotemporal varia

tion of δ in the La0.6Sr0.4FeO3-δ bed under steady cyclic operation, where 
δ at the beginning and end of the cycle at any given point in space is the 
same. Snapshots of the expected δ during the reduction and oxidation 
half cycles of the chemical-looping water–gas shift can be seen in Fig. 8A 
and B, while the corresponding results from buffer gas cycling are shown 
in Fig. 8C and D, respectively. These are compared to the measured 
variations in δ along the packed bed (obtained from operando SXRD 
using the technique detailed by de Leeuwe et al [20,25]) at the beginning 
and end of each half cycle. 

For the chemical-looping water–gas shift experiment, shown in Fig. 8A 
and B, the reaction started with the CO feeding from the bottom of the 
reactor (or left of Fig. 8). The bed material near the inlet reduced first (δ 
increased) while the rest of the bed remained unchanged. The front of the 
reduction shifted gradually towards the outlet whilst the material behind 
the front continued to be reduced further. After 60 s, the flow of CO was 
stopped and H2O was fed in the reverse direction, pushing the reduced 
front back through the bed, as well as lowering the δ of the bed as a whole. 
This continued until the bed returned to its original state. 

The simulated results reproduce the experimental extent of oxidation 
and reduction at the oxidised end of the bed well but underestimate the 
extent of the reduction of material exposed to the most reducing condi
tions (i.e. towards the left of Fig. 8A and B). This can be attributed to the 
fact that for δ⪅0.23, La0.6Sr0.4FeO3-δ is known to undergo rapid oxygen 
loss. However beyond this range it becomes unstable and undergoes slow 
decomposition. Since the decomposition reaction is kinetically limited, 
the model no longer holds. This also accounts for the better agreement 
between model and experimental results seen in Fig. 8C and D as the gases 
involved are less reducing. 

In terms of oxygen balance across a half cycle, the model predicted that 
the packed bed containing 0.01 mol (or 2.2 g) La0.6Sr0.4FeO3-δ lost 8.9×

10− 5 mol of oxygen during reduction, all of which were regained during 
the oxidation half cycle. This was compared to the experimental oxygen 
exchanged measured using the X-ray diffraction and outlet gas composi
tions. Both these methods showed similar amount of oxygen being 
exchanged in each half cycle. SXRD showed 9.0 ± 0.5 × 10− 5 mol and the 
gas analysis gave 9.5 ± 0.3 × 10− 5 mol. All three values agreed to within 
6%. 

The same analysis was carried out on the experiment using buffer gas 
feeds and is shown in Fig. 8C and D. This gives similar results with a 

reaction front propagating through the bed. Here, however, the lower 
capacity for oxygen exchange of the oxidising gas resulted in changes of 
the OCM only in half of the bed. The model predicted 4.2 × 10− 5 mol of 
oxygen transferred between the gas and the solid in each half cycle, 
while SXRD showed 3.0 ± 0.5 × 10− 5 mol and the gas analysis 3.6 ±

0.3 × 10− 5 mol. The results are in reasonable agreement, given that the 
reaction had a lower amount of oxygen transferred and smaller changes 
in δ compared to the previous case while the measuring precision of the 
lattice parameter or gas mole fractions remained the same. 

While undergoing cycling, it can be seen that for both the chemical- 
looping water–gas shift reaction (Fig. 9A) and the reaction with buffer 
gases (Fig. 9B), the variation of δ at one point in the bed as a function of 
time during reduction is not simply the reverse of that during oxidation. 
However, the value of δ does return to the starting conditions after a full 
cycle. Unfortunately, it was only possible to collect 10 data points during 
each reactive period, and the changes in the cubic cell parameter during 
these periods are near the limit of precision of the equipment, of the 
order of 10-4 Å. As a result, while the experimental data are consistent 
with this aspect of the model, the uncertainties (shown in Fig. 9) are too 
large to validate it quantitatively.Fig. 10. 

4.4. Effect of temperature on reactor performance 

Simulations and experiments were also performed to examine the 
effect of temperature on the performance of the packed bed chemical- 
looping reactor. A horizontal packed bed consisting of 2.39 g of 
80–160 μm La0.6Sr0.4FeO3–δ was cycled between 5% CO and 5% H2O 
until steady cycling was reached at five temperatures, ranging from 993 
K to 1193 K. The outlet gas compositions were compared to those pre
dicted by the model. The geometry of this packed bed was different to 
those used in the previous section, it was a shorter reactor bed with a 
larger internal diameter. 

Both the model results and the experimentally measured gas com
positions from the outlet of the reactor during the reduction half cycle 
started with effectively full conversion of CO to CO2 and breakthrough 
of CO was observed later in the half cycle. At higher temperatures, the 
breakthrough of the CO occurred later, and the conversion of CO 
increased accordingly. A different behaviour was observed for the 
oxidation half cycle. At higher temperatures H2O passes through the 
reactor unreacted from the start of the half cycle, the proportion of 
which increased with temperature. As the reaction proceeded, the 

Fig. 9. δ at one point in the bed, A) 40 mm from the H2O feed, versus time for a representative steady cycle, for a reverse-flow reactor being fed 5% CO in Ar and 5% 
H2O in Ar with inert feeds in-between; B) 128 mm from the oxidising feed, for a representative steady cycle of the packed bed from Fig. 4. The solid line is the value 
predicted by the simulation while the points are the values obtained from SXRD. The error bars are one standard deviation from the Rietveld fitting. 
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proportion of H2O in the product increased continuously, but the rate of 
this increase decreased with temperature and the overall conversion of 
H2O to H2 increased with temperature. These changes can be predicted 
by our model in spite of the different geometry and temperatures used, 
showing that the model is generally applicable for small-scale packed 
bed reactors. It should also be noted that any H2O present in the H2 
stream can be easily separated through condensation. 

Comparison between the simulated and experimental results shows 
that the model consistently slightly over-predicts product concentrations 
at a maximum of 0.2 mol% at any given point and under-predicts reactant 
concentration in the product streams at all temperatures studied by the 
same amount. However, the timing of the drop in CO2 and H2 mole 
fractions in the product streams can be predicted accurately. This shows 
that the reactor continues to operate near (but probably not at) its ther
modynamic limit in this range of temperatures. 

5. Discussion 

5.1. Process sensitivity analysis 
Process sensitivity analysis was carried out to determine the model’s 

sensitivity to key operating parameters and different input conditions. The 
controlled variables were perturbed by 10% (or 10 K in the case of reac
tion temperature), as this is larger than the uncertainties in the set point or 
measuring instrument of each variable. The variation caused by each of 
these changes can be seen in Fig. 11. 

Of the controlled variables (Fig. 11A-C), the change in the total mass 
of OCM hasthe largest impact on the results. This is expected since the 

oxygen capacity of the solid scales with its mass. On the other hand, 
changing the pressure of the reactor while maintaining the same molar 
flow rate of the gas has no measureable impact on the simulations. It 
should be noted that this is only true when the reactor is equilibrium 
limited. If the residence time of the gas is too low, reaction kinetics may 
limit the conversion with insufficient contact time between the gas and 
solid. Temperature effects are also small compared to the effect of 
changing the mass of OCM. This is because the reduction and oxidation 
reactions Eqs. (2 and 3) are almost heat-neutral for La0.6Sr0.4FeO3-δ [16], 
so changes in the operating temperature would only result in small shifts 
in the gas–solid equilibrium. 

5.2. Model parameter sensitivity analysis 

Model parameter sensitivity analysis was also carried out to deter
mine the model’s sensitivity to the thermodynamic quantities fom the 
literature. Where values taken from literature have published un
certainties, the effects of a one standard deviation perturbation in that 
value were determined. 

Of the thermodynamic parameters investigated (Fig. 12A-D), the 
uncertainty in KFe has the largest impact on the model output while Kox 
has a much smaller effect. This is expected as KFe relates to the reduction 
of Fe3+ to Fe2+, which dominates in the PO2 range where the reactor 
operates; while Kox is linked to the oxidation of Fe3+ to Fe4+, which 
primarily occurs at higher PO2 values. 

The model is less sensitive to changes in the gas phase equilibrium 
constants (Kc and KH from Eqs. (14 and 20), respectively). The effect of 

Fig. 10. Outlet composition versus time at different operating temperatures with an OCM mass of 2.39 g. The feed gases 5% CO and 5% H2O in a balance of Ar, 
respectively, with nominal molar flowrates of 3.4× 10− 5 mol s− 1. The packed bed had an internal diameter of 0.007 m and a length of 0.06 m. The uncertainties in 
the measured mole fractions were less than ± 100 ppm. 

C. de Leeuwe et al.                                                                                                                                                                                                                             



Chemical Engineering Journal 423 (2021) 130174

14

Fig. 11. Sensitivity analysis of δ at one point in the bed, 40 mm from the H2O feed end (left) and H2O and CO outlet gas composition (right), versus time for a steady 
state cycle. The base case is for a reverse-flow reactor operating at 1023 K being fed 5% CO in Ar for 60 s followed by 5% H2O in Ar for 60 s. The bed is a 2.2 g, packed 
bed of La0.6Sr0.4FeO3-δ 170 mm in length and 4 mm in diameter. 
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Fig. 12. Sensitivity analysis of δ at one point in the bed, 40 mm from the H2O feed end (left) and H2O and CO outlet gas composition (right), versus time for a steady 
state cycle. The base case is for a reverse-flow reactor operating at 1023 K being fed 5% CO in Ar for 60 s followed by 5% H2O in Ar for 60 s. The bed is a 2.2 g, packed 
bed of La0.6Sr0.4FeO3-δ 170 mm in length and 4 mm in diameter. 
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changing Kc (i.e. changing the equivalent PO2 of the reducing gas) is 
more pronounced. This is due to the larger gradient in the δ-PO2 rela
tionship in reducing environments (Fig. 1 from the SI highlights this), so 
that the available oxygen capacity of the solid is more dependent on the 
PO2 of the reducing stream than that of the oxidising stream (H2O). 

5.3. Impact of solid phase thermodynamics 
From the sensitivity analysis, it is clear that the solid phase thermo

dynamics, in particularKFe, is most influential. In addition, gas phase 
equilibria (Kc and KH) of the reduction and oxidation reaction affect the 
model outcome differently. Both observations are linked to the δ-PO2 

relationship of the nonstoichiometric oxygen carrier. Here, several hy
pothetical δ-PO2 relationships are described to demonstrate its importance 
further and guide future reactor design. 

A series of simulations were carried out using different theoretical 
δ-PO2 relationships with a rotational symmetry of order 2 in log10PO2 with 

Fig. 13. δ as a function of PO2 based on literature values [18] at 1093 K compared to different hypothetical relationships with rotational symmetry of order 2.  

Fig. 14. H2O and CO outlet gas compositions versus time from a steady cycle under the same operating conditions as in Fig. 5. Four different relationships between 
log10pO2 and δ state were simulated: that of La0.6Sr0.4FeO3-δ, a linear relationship (Eq. (24)) and two logistic relationships given by Eq. (25)–(26). A: full scale of gas 
mole fractions; B: mole fractions up to 0.0025 to show the differences between the hypothetical materials more closely. 
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origin δ = 0.246 and log10PO2 = -17.9 in for –23.3 <log10PO2 < -12.5. 
One linear and two logistic relationships between log10PO2 and δ were 
tested. The function parameters were selected to maintain the same 
oxygen exchange capacity of the material over the range of PO2 expected 
to be present in the reactor. These are detailed in Eqs. (24–26) and 
plotted in Fig. 13. 

δ = − 8.48 × 10− 3 × log10PO2 + 0.0941 (24)  

δ =
− 1.05 × 10− 1

1 + e− 0.5(log10PO2 +17.9)
+ 0.298 (25)  

δ =
− 9.242 × 10− 2

1 + e− (log10PO2 +17.9)
+ 0.292 (26) 

The outlet gas compositions from steady cyclic operation are shown 
in Fig. 14. All three hypothetical OCMs led to higher conversions of both 
CO and H2O compared to La0.6Sr0.4FeO3-δ, despite them all having the 
same maximum oxygen exchange capacity. All three symmetric re
lationships gave an overall conversion of 99% compared with 95% for 
La0.6Sr0.4FeO3-δ. It is also interesting to note from Fig. 13B that the outlet 
gas composition profiles of the hypothetical OCMs have a common 
intersection when the instantaneous conversion was at 99% but the 
reason behind this is unclear. 

In the case of La0.6Sr0.4FeO3-δ, breakthrough of CO occurred earlier 
than H2O, but a small yet appreciable amount of H2O was present in the 
product stream before the breakthrough. For the hypothetical materials 
where the δ–log10PO2 relationship has rotational symmetry order 2 about 
(
log10PO2 , δ

)
= (0.246, − 17.9), the breakthrough behaviour of CO is the 

same as that of H2O. However, this is only because the equilibrium 
constant for the water–gas shift reaction is unity at this temperature. At 
other temperatures, CO/CO2 and H2/H2O gas mixtures with the same 
ratio do not have the same PO2 , so the shape of the breakthrough curves 
will be different. 

6. Conclusions 

In this work a packed-bed chemical looping water gas shift reactor 
with variable oxygen non– stoichiometry was described using a ther
modynamic model and the model predictions compared to experimental 
outlet gas compositions. The internal oxygen content of the bed as a 
function of time and location was determined using operando synchro
tron XRD and compared to the model. Several theoretical relationships 
between the oxygen content of the solid and the corresponding equi
librium PO2 were also investigated based on the model developed. 

It was found that such a reactor, using La0.6Sr0.4FeO3-δ, can be 
effectively described using a thermodynamic model in a temperature 
range of 993 K to 1193 K without any fitted parameters. This is due to 
the fast kinetics for the gas–solid reactions and high oxygen conductivity 
of the solid. 

It was also found that these small-scale packed bed reactors can be 
modelled as plug flow reactors due to the low diffusivity of the gasses 
involved 

For a chemical looping reactor using non-stoichiometric OCMs the 
relationship between oxygen content and gas phase PO2 is the defining 
feature. When an OCM with a designer relationship between oxygen 
content and PO2 is used the response of the system can be tailored. This 
means that careful consideration should be placed on the selection of the 
optimal oxygen carrier material such that the relationship between ox
ygen content and gas phase PO2 gives the best result 
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